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ABSTRACT 
The Vapour Extraction (VAPEX) is an emerging process for the recovery of heavy oil and 
bitumen. In this process, a solvent vapour is injected into the reservoir that dissolves and 
diffuses into the oil, reduces its viscosity and resultant diluted oil can be produced by 
gravity. The mass transfer in the process relies on diffusion/dispersion, thus it is very energy 
efficient and can even surpass thermal process especially in problematic reservoirs such as 
thin oil zones or reservoirs underlined by aquifers 
This relatively new recovery process has shown significant promise in the lab, but field trials 
have been less successful. This is attributed to the low drainage rates predicted using the 
currently available analytical models, based on results from Hele-Shaw cell experiments 
with diffusion-controlled mass transfer. However, much higher rates are observed in porous 
media, which can not be explained by the slow process of diffusion. This had led to the 
speculation of the role of convective dispersion in the VAPEX process. To date there is no 
systematic study to quantify the magnitude of convective dispersion which would better 
improve our understanding of the complex mass transfer in VAPEX process. 
This research was undertaken to develop a deeper understanding of the mechanisms 
controlling the drainage in VAPEX. The main objective was to translate laboratory rates to 
field conditions. In this work, dispersion in direction and transverse to direction of flow have 
been measured over a wide range of interstitial velocities using different fluid systems with 
the aim to better understand the effects of viscosity and density on dispersion. The measured 
dispersion coefficients provided a solid understanding of how VAPEX drainage rates are 
affected by mixing between solvent and oil since gravity, density and viscosity effects are all 
considered in these measurements. Several VAPEX experiments were conducted in a 
physical model of two different heights at different injection rates. The results showed that 
mass transfer in VAPEX is controlled by the combined effects of molecular diffusion and 
convective dispersion, which when both considered, prediction from cunent analytical 
model was improved significantly. Furthermore, the results showed cunent square root 
transmissibility scale-up methods significantly under-predict drainage rates, which were 
found to have a higher height dependency than square root. A scale-up is proposed 
incorporating the combined effects of convective dispersion and height dependency that 
accurately matched drainage rates 
A detailed numerical simulation was used to validate the physical description of the process 
observed in the laboratory. Several simulation mns were conducted to examine the effects of 
convective dispersion on drainage rates. Laboratory data were satisfactorily predicted with 
numerical simulations when convective dispersion was used in place of molecular 
diffusivity. 
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CHAPTER ONE 
INTRODUCTION 
1.1 Preamble 
As the world oil resources are being depleted, the disproportion between supply and energy 
demand increases. It seems that all non-conventional resources including those from 
enhanced oil recovery (EOR) will be required to meet the energy needs of the planet. Future 
non-conventional resources include heavy oil, bitumen and ultra deep water reservoirs. 
Typically, primary production leaves more than two thirds of oil trapped in pore spaces in 
the reservoir. Although water flooding (secondary recovery) improves recovery, more than 
50% of oil can still be left behind. With the world oil demand estimated to grow to around 
119 million barrels per day (BPD) in 2025 {EIA, 2005), emphasis on enhanced oil recovery 
is increasing 
Estimated worldwide reserves of heavy oil and bitumen are around 8 trillion barrels, which 
are 3 times higher than total conventional oil reserves (Tam, 2007). This figure is projected 
to increase with advances in heavy oil recovery techniques. However, their high viscosity, 
which can be of the order of millions of centipoises, is making their economic production a 
real challenge. Primary production is usually very low and an adverse mobility ratio hinders 
the application of water flooding. The optimum recovery from such resources without the 
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application of Enhanced Oil Recovery (EOR) methods is not expected to exceed 6 to 8% of 
the oil originally in place (Butler and Mokrys, 1991). 
The key to producing these reservoirs is through the reduction of their naturally high 
viscosities. One way to do this is through the application of heat. However, heat losses and 
disposal of produced water makes thermal processes unsuitable for many reservoirs. 
Another way to reduce this viscosity is through dilution, which forms the basis of vapour 
extraction or VAPEX. The injected solvent behaves similarly to steam. It dissolves and then 
diffuses into the bulk bitumen, reduces its viscosity and makes it flow more easily. Drainage 
rates from initial experiments in Hele-Shaw cells were well predicted by an analytical model 
proposed by Butler and Mokiys (1991). Subsequent experiments in porous media resulted in 
much higher rates than predicted. Several factors have been proposed as possible 
mechanisms to enhance drainage rates. Unfortunately, these mechanisms were rather 
qualitative than quantitative, with no attempt to incorporate the magnitude of each 
mechanism in a predictive model. 
One of the proposed factors for the observed higher rates is convective dispersion, which 
had been omitted in the initial analytic model. Researchers have tuned this parameter to 
match measured rates. Coefficients of the order of 10"' to 10'"^  cm"/s were reported in the 
literature. However, such values would mean the solvent penetrates too deep into bulk 
bitumen which contradicts the reality (Das, 2005). Also, these values are unrealistic given 
the relatively slow frontal velocities observed in these displacements. 
A thorough review of the literature suggests that, there is no quantitative measure of 
convective dispersion between fluids with the laige adverse mobility ratios and density 
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contrasts that occur in the VAPEX process. This project aims to remedy this deficiency and 
propose an improved scale-up model for the VAPEX process. 
1.2 Objectives 
The proposed work has five main objectives: 
• To experimentally determine axial and lateral dispersion coefficients in horizontal and 
vertical-oriented displacements using a fluid system with considerable density and 
viscosity contrasts, resembling those used in VAPEX 
• To perform fluid flow experiments in bead-packs to investigate the drainage rate in 
VAPEX 
• To experimentally investigate the effects of model height and injection rate on the 
recovery efficiency 
• To quantify and validate the physics of the process with numerical simulation 
• To develop an improved analytical model describing the mass transfer between the 
solvent and oil during gravity drainage 
1.3 Methods 
Experiments in a well-characterised porous medium of unconsolidated beads have been 
conducted. The use of bead packs allows visualisation of the process and offers a relatively 
easy homogenous system to be constructed. Suitable analogue fluids to represent the gas-oil 
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displacements have been carefully selected. The porous medium properties such as porosity 
and permeability have been independently measured. Commercially available numerical 
simulator CMG STARS (semi compositional) was used to model the experiments. 
Comparisons between numerical predictions and experimental data enabled us to assess the 
accuracy of current formulations for predicting mass transfer between oil and solvent during 
gravity drainage. 
1.4 Report Outline 
This work has put emphasis on the importance of convective dispersion and height 
dependency of drainage rates during the gravity drainage process. Chapter 2 is a literature 
survey that details the fundamentals and parameters of VAPEX process and how dispersion 
has been used in the context of VAPEX. Li Chapter 3, the concepts of diffusion and 
dispersion in porous media and effects of density and viscosity on dispersion are outlined. 
The characteristics and how experiments have been performed are given in chapter 4 while 
chapter 5 describes the properties of the fluid system used. The results of measured 
convective dispersion coefficients are presented in chapter 6, whereas experiments on 
VAPEX drainage rates are reported in chapter 7. The numerical simulation set up and 
results are detailed in chapter 8. Conclusions and future work are given in chapter 9. 
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CHAPTER TWO 
LITERATURE REVIEW 
Petroleum and natural gas reserves are probably the most important sources of energy. As 
the conventional oil reserves decline, there is a major thrust on improved and enhanced 
recovery (lOR/EOR) of heavy oil and bitumen. The adverse characteristics of these 
resources such as high viscosity and low gas solubility mean primary methods of recovery 
are not often applicable or effective. Thus any EOR/IOR method must reduce the viscosity 
in situ to make oil mobile through the porous media. This can be realised by using heat or 
alternatively by diluting the oil with solvents as in vapour extraction or VAPEX. This cold 
oil production process requires no heat (very energy efficient) and thus there are no 
concerns about heat loss or disposal of produced water (condensed from steam). 
This chapter outlines heavy oil recovery techniques and details the fundamentals and 
modelling of vapour extraction process and the several parameters that need to be optimised 
to improve the effectiveness of the process. 
2.1 Heavy Oil Recovery Processes 
Heavy oil and bitumen are important energy resources and projected to have an increasing 
role in the growing demand for energy (Afsahi, 2007; Yazdani, 2007; Badamchi-Zadeh et 
al., 2009). They are characterised by high viscosities and low API gravity. Usually, liquid or 
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semi-solid petroleum is called heavy oil if it has a viscosity between 100-10000 cp and API 
gravity of 10-20, whereas bitumen has a viscosity >10000 cp and API <10° (Speight, 1991). 
In general, they occur in shallow (3000 feet or less), highly permeable (1+ Daicy) and high 
porosity (around 30%) poorly consolidated reservoirs (Ali et al., 1997). Relatively shallow 
reservoirs (less than 200 ft) can be developed economically by pit mining (Jiang, 1997). 
However, the majority require in situ viscosity reduction, which is key to producing these 
reservoirs. In situ viscosity reduction processes can be broadly categorised as thermal and 
non-thermal processes (Figure 2.1). 
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Figure 2.1: Heavy oil recovery techniques; CSS (Cyclic Steam Stimulation), ISC (In-Situ 
Combustion, SAGD (Steam Assisted Gravity Drainage), CHOPS (Cold Heavy Oil 
Production with Sand) 
2.1.1 Thermal Processes 
Thermal processes account for over 80 % of the total oil produced from all EOR projects 
(Jiang, 1997). They rely on the utilisation of heat, which dramatically reduces the viscosities 
of heavy oil and bitumen. This can be accomplished by either injecting heat or underground 
combustion. Commercial methods include steam cycling, steam drive, in situ combustion 
and steam assisted gravity drainage. 
In the cycling steam stimulation (CCS) method, a slug of heat is injected down the reservoir 
to heat up the oil for a short period of time (soaking period), followed by production from 
the same well. Initially high oil rates are produced which can stay at an economic level for 
months. This process is repeated until the steam oil ratio (SOR) is higher than the economic 
limit. Since a single well is utilised, only a limited area near the wellbore is heated so no 
more than 15-20 % of OOIP can be produced economically (Das, 1995). 
Steam drive follows the concept of water drive, in which steam is continuously injected via 
a line of injectors while heated oil is produced from another array of wells in the pattern. 
This process yields high recovery efficiencies, with recovery factors over 50 % being 
achieved (Jiang, 1997). However, the applicability of steam drive is limited by steam 
channelling, particularly in heterogeneous reservoirs, and heat loss in thin pay zones or 
reservoirs with high water saturations. Furthermore, low porosity formations or those with 
active aquifers restrict the use of this process. 
In the in situ combustion (ISC) process, a proportion of the oil in place is oxidised to 
generate heat in a combustion zone. Because of the high temperatures involved, this process 
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has a high thermal efficiency, which results in dramatic reduction of oil viscosity and 
consequently high initial oil production rates. However, once breakthrough occurs, 
temperature in the well increase sharply and operation becomes costly as well cooling may 
be required and corrosion becomes severe. In addition, the burning of oil causes lai'ge 
volumes of flue gas to be produced, which cause mechanical problems such as erosion. For 
this process to be successful, original oil should have sufficient mobility {jj < 1000 mPa.s) 
so that it can be displaced away from the combustion zone (Das, 1995). The process lacks 
control of the combustion front, which can result in early gas breakthrough and ultimately a 
low recovery factor. Over 100 floods have been conducted but few have been successful 
(All et al., 1997). 
Steam assisted gravity drainage (SAGD) is the most widely used thermal process and has 
shown promising results (Butler et al. 1981). In this process, steam is injected from an upper 
horizontal well. The steam then rises and spreads to form a steam chamber that expands into 
the reservoir. Steam condenses at the steam oil interface, causes significant reduction in oil 
viscosity, which in turn drains by gravity to a lower horizontal production well. The 
utilisation of horizontal wells maximises the contact between steam and oil, although 
vertical wells can be used. A schematic of the SAGD is given in Figure 2.2. This process 
requires huge capital investment for steam generation particularly with the cuiTent high gas 
prices. Also, it is not suitable for thin pay zones, since more horizontal wells are needed due 
to excessive heat losses to the suiToundings. The presence of a bottom aquifer and/or 
overlying thin gas cap further complicates SAGD as they cause additional heat losses. 
The problem with thermal processes is that they suffer from energy inefficiency. A 
substantial amount of heat is lost to over- and under-burden, particularly in thin formations, 
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where heat losses can render a project uneconomic. Furthermore, candidate reservoirs 
should have high porosities so that the ratio of the volume of reservoir heated to volume of 
oil produced is acceptable, and thus low porosity carbonates may not be suitable for these 
processes. The disposal of produced water formed when steam condenses at the interface 
poses a real challenge economically and environmentally. Typically, 3 barrels of water are 
produced per baixel of oil i.e. steam oil ratio (SOR) is around 3 (Das and Butler, 1997). In 
terms of energy, this is equivalent to burning a quarter of the produced oil for the generation 
of steam required for oil production. Also, the condensation of water may cause formation 
damage by clay swelling. 
Caprock 
Sand 
Shale 
Steam injection 
Heated heavy oil 
f lows to well 
Figure 2.2; A schematic of SAGD (Schlumberger oilfield glossary) 
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2.1.2 Non-Thermal Processes 
Heavy oil reservoirs can be produced without the utilisation of heat as in Cold Heavy Oil 
Production with Sand (CHOPS) and in Vapour Extraction (VAPEX). Although sand 
production is undesirable in conventional oil production, CHOPS wells can improve the 
recovery and produce at higher rates than conventional heavy oil wells. Production data 
indicate recovery increases from 1-5% OOIP for cold production wells to up to 10-20% for 
CHOPS wells, and rates up to 100-400 b/day in CHOPS compared to 5-10 b/day in cold 
production (Tam, 2007). The recovery is improved by the formation of wormholes that 
create high permeability pathways in the reservoir. This process however requires huge 
surface facilities to handle produced fluids and abrasive sand volumes. Furthermore, after 
the cold production, substantial volumes (80-95% OOIP) are left behind unrecovered at the 
economic limit (Miller et al., 2002) 
The utilisation of solvents for recovery of heavy oil is relatively a new subject, although 
various miscible solvents have been investigated in the past for improved recovery of 
conventional oil. In early experimental work, Allen (1974) presented a huff and puff method 
in which propane and butane were injected in cycles to extract Athabasca tar sand. Several 
other works then followed by Allen and Redford (1976), Neggiger (1979) and Redford and 
Hanna (1989). These studies utilised vertical injection and production wells and all showed 
field applications could be problematic due to low production rates. Butler and Mokiys 
(1991) then introduced the solvent-leaching gravity drainage process using vaporised 
solvents, which was later called Vapour Extraction or VAPEX. 
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In the VAPEX process, a light hydrocaibon solvent is injected into the reservoir to reduce 
the viscosity of the bitumen, and thus energy losses of steam processes are largely avoided. 
The diluted oil is drained by gravity to a horizontal production well. A comparison between 
the effects of solvent mixing and temperature increase on viscosity reduction is given in 
Figure 2.3 for Athabasca bitumen with propane (C3) . Viscosity is given by the Shu (1984) 
con-elation for the effect of solvent and by Mehrotra and Svrcek (1988) for viscosity 
dependence on temperature. 
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Figure 2.3: Comparison between solvent addition and temperature increase on viscosity 
reduction 
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The figure shows that temperature has to be increased by 75 °C for a 1000 fold reduction in 
viscosity (jUong/Hmix), whercas the volume fraction of propane to produced oil required for the 
same reduction is only 0.17. This clearly proves the effectiveness of VAPEX as an 
alternative for the themial processes. The mechanisms of this process are further explored in 
subsequent sections. 
Moderately viscous oil reservoirs can also be targeted with other non thermal processes, 
with the aim of improving the mobility ratio or reducing the interfacial tension. Common 
processes include polymer/surfactant flooding and immiscible CO? flooding. Polymer 
flooding is usually implemented in a water-flooded reservoir to improve the volumetric 
sweep efficiency. A water soluble polymer is injected to increase the viscosity of water and 
thus increase the mobility ratio of the water flood. Furthermore, it shuts off high 
permeability channels, which reduces water channelling and improves sweep efficiency. In 
surfactant flooding, a surfactant is used to reduce the interfacial tension between oil and 
water, which improves microscopic displacement efficiency. These two processes suffer 
from chemical adsorption on the rock matrix. This means laige volumes of expensive 
polymer or surfactant formulations are required, which could reduce the economic 
effectiveness of their use. Carbon dioxide may be injected with water, where it increases 
incremental recovery over that of a pure water flood as CO? dissolves in the heavy oil thus it 
reduces its viscosity and causes oil swelling. The use of CO2 is however limited by its 
supply that includes power plant stack gas, by-product from ammonia plants and natural 
deposits. The location of CO? source relative to target oil and cost to separate, compress and 
transport it are also affecting its use. The volumetric sweep efficiency is significantly 
reduced as a resuk of adverse mobility ratio (viscous fingering) and large density contrast 
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(gravity segregation) between oil and CO?. A survey of 62 field projects found such methods 
to be largely unsuccessful for heavy oil recovery (Ali et al., 1997). 
2.2 The Concept of VAPEX Process 
The main concept of vapour extraction (VAPEX) is to dilute oil with vaporised solvents 
rather than heat as in thermal processes. The driving force for diluted-oil movement is 
gravity. VAPEX works by the same principle and has the same well configuration as the 
steam assisted gravity drainage process except steam is replaced by solvent. A schematic is 
shown in Figure 2.4. The use of horizontal wells maximises contact between solvent and 
bitumen, although existing vertical wells can still be used. 
Vaporised hydrocarbon solvents are injected into the reservoir through the top, horizontal 
well. Depending whether the injection pressure is above or below the minimum miscibility 
pressure (MMP), first or multi-contact miscibility occurs (Kapadia et al., 2006). The solvent 
initially dissolves in bitumen around the well and then starts to slowly rise vertically filling 
in the extracted matrix above the injection well, giving higher production rates due to 
gravity drainage. The solvent continues to dissolve in the bitumen at the bitumen-solvent 
interface over time, diffusing into bulk of bitumen and diluting the oil. The viscosity-
reduced diluted oil drains to the production well by gravity along the interface. As the 
chamber reaches the cap-rock, it starts to spread sideways until it reaches the pattern 
boundary. At this point the solvent-oil interface starts to fall and consequently production 
rate decreases because the available head for gravity (i.e. height of interface above the 
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production well) stait to decrease. The process continues until the rate is below the 
economic rate. 
] Vapour Chamber 
1 (swept zone) 
Undiluted Oil 
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Oil with reduced 
viscosity drains 
Figure 2.4; Vertical cross section of the VAPEX process, showing the wells, vapour 
chamber and drainage pattern of diluted oil 
The miscibility that develops between in-situ oil and the solvent involves either 
condensation or vaporisation of the solvent (or both). The first mechanism is whereby light 
components from the solvent are condensed into the oil, whereas in vaporisation lighter 
components are stripped off the oil to the solvent. The interaction between oil and solvent is 
usually accompanied by swelling of oil phase, viscosity and interfacial tension reduction 
and mixing between oil and solvent. 
The use of vaporised rather than liquid solvents results in a higher density difference 
between solvent and oil and hence provides a higher driving force for gravity drainage. Also 
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with vaporised solvents, the volume originally occupied by displaced oil will be filled with 
vapour. Thus, the residual amount of solvent left behind is less with vapour solvents than 
with liquid solvents and this means the overall mass requirements of the vapour solvents aie 
much less. 
2.3 Butler and Mokrys Analytical Model 
The first theoretical and experimental study of vapour extraction was carried out by Butler 
and Mokrys (1989, 1991) in a vertical Hele-Shaw cell. They used toluene to reduce the high 
viscosity of Athabasca bitumen and Suncor heavy oil. They observed the similarity between 
drainage process in VAPEX and SAGD, where diffusive heat transfer in one is replaced by 
diffusive mass transfer in the other. Their analytical treatment was based on an earlier model 
developed by Butler et al. (1981) for SAGD. They used a dimensionless parameter Ns, 
which is based on the properties of the fluids and molecular diffusion and characterises the 
rate of mass transfer in the region where mixing between solvent and oil takes place. In this 
region, fluid composition is determined by molecular diffusion and convective dispersion. 
The development of Butler and Mokrys analytical model was based on a small control 
volume of the vapour-bitumen interface as shown in Figure 2.5. The key assumptions were 
that 
• the mass transfer of solvent into the bitumen occurred under pseudo-steady state 
(i.e. — s O ) 
dt 
• the interface moves at a constant speed {U) into bitumen 
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• oil recovery occurs by so-called free-fall (Cardwell and Parsons, 1949) gravity 
drainage in a diffusion boundary layer along the liquid solvent-oil interface towards 
the production well and the bulk of bitumen is considered immobile. 
Vapour chamber 
Cmax 
Cs 
Diffusion Laver 
% 
( = 0 
u 
^ max 
/ Q 
Bitumen 
Figure 2.5; Cross section of the Butler and Mokrys model for the VAPEX process (after 
Butler and Mokrys (1989) 
As a result the flow of the vapour-oil mixture is nearly parallel to the interface, the solvent 
concentration Q changes from Cmax, the solvent solubility in bitumen at prevailing conditions 
to c,„m, the minimum solvent concentration to mobilise the otherwise immobile bitumen. In 
the diffusion layer Cj was assumed to be uniform parallel to the interface and its flux 
perpendicular to the interface is given by Pick's first law: 
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D . ^ = Vc, (2.1) 
In equation 2.1, ^ is the perpendicular distance from the interface. Since Cs was assumed 
uniform parallel to the interface, all concentration-dependent properties such as density, 
viscosity and diffusivity were also assumed to be uniform. 
Butler and Mokrys assumed that the displacement of the oil by the solvent was gravity 
dominated so that the flow within the interface could be found using Darcy's Law 
Apg sin 6 - — (2.2) 
k 
where v is the average velocity across the diffusion layer and k is the absolute permeability. 
The draining diluted bitumen has a solvent volume fraction of c,, and thus the flow rate (Q) 
in a section of diffusion layer is given by; 
Q= j v ( l - c , X ^ (2.3) 
0 
The bitumen concentration Cb is of course equal to l-c^ 
Reairanging equations 2.1-2.3 and changing the integration limits in 2.3, they showed that 
(2.4) 
where N, = f (2.5) 
c l 
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Ns is a dimensionless parameter that accounts for physical properties of the fluid system 
used and is concentration-dependent as Ap, /j and Ds may all vary with concentration. Also, 
it is temperature and pressure dependant since concentration also depends on solubility. 
The area of extracted bitumen can be computed from interface position at different times as 
schematically shown in Figure 2.6. The amount of drained oil should be equal to cross 
hatched area during the same period of time and the two can be related by 
jQdt = ^ AS,, jx dy (2.6) 
h 
0 
Extracted area 
dt sin 0 
Bitumen 
Figure 2.6: VAPEX in a Hele Shaw cell at the solvent-oil interface, modified after the 
original work of Butler and Mokrys (1989) 
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The position of the interface at any time is related to the average advance velocity as 
= (27) 
dt sm 0 
Differentiating equation (2.6) with respect to t and y in sequence and combining it with 2.4 
and 2.7, we get 
(2.8) 
% 
This equation may be integrated to obtain the flow rate at any ordinate y in the diffusion 
layer as 
(29) 
Since the flow discharge out of the cell is defined at)/ = 0, then 
6 = T/2 jk g ^ ZLS. AT, (2.1()) 
Q: Stabilised drainage rate per unit thickness (m^/s) 
k: Permeability (m^) 
g : Acceleration due to gravity (m/s^) 
h: Drainage height (m) 
( j ) : Porosity, fraction 
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AS,,: Change in oil saturation, fraction 
A/7 : Density difference between pure solvent and mixture with concentration c, (kg/m^) 
Ds'. Diffusion coefficient of solvent into the mixture with concentration (m^/s) 
/J: Mixture viscosity with concentration c^(Pa.s) 
Although the porosity and change in oil saturation are unity in a Hele Shaw cell, they were 
included in the above derivation so the analytical model can be used in porous media. 
Equation 2.10 is essentially a consequence of substituting Pick's law (2.1) and Darcy's 
equation of flow (2.2) into the mass and momentum balance respectively with the 
assumption of diffusion-controlled mass transfer. 
As the solvent invades the bitumen, the latter will expand (swelling effect) and hence the 
increased interfacial area must be accounted for. Thus, the intrinsic diffusion coefficient of 
the solvent must be used since the mutual diffusion coefficient is concentration independent. 
Therefore, when computing Ns, concentration effects on diffusion need to be considered in a 
similar approach to that of density and viscosity. Intrinsic and mutual diffusion coefficients 
can be related using: 
.c, (2.11) 
Do'. mutual (i.e. overall) diffusion coefficient (m^/sec) 
Ds'. intrinsic diffusion coefficient (m^/sec) 
Cs'. concentration, fraction 
Subscripts b and 5 refer to bitumen and solvent respectively. 
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Butler and Mokrys converted the overall diffusivities of toluene and bitumen obtained by 
Oballa and Butler (1989) into intrinsic diffusivities using Equation 2.11. With this, they 
obtained measured rates from their Hele-Shaw experiments well within the expected range 
from their analytical model i.e. Equation 2.10. Furthermore they found VAPEX rates were 
only a fraction of what would be expected from SAGD process, since molecular diffusivity 
is so much lower than thermal diffusivity. Contributions from different physical properties 
are given in Table 2.1. Nonetheless they concluded that the use of vaporised solvents with 
possible deasphalting would considerably improve the drainage rates. 
Physical properties (Solvent: Steam) rate 
Liquid Solvents 
Density difference 0.3 
Dilution 0.8 
Mass/thermal diffusivity 0.02 
Permeability 1.5 
Overall: 0.0072 
Vaporised Solvents 
Density difference 1 
Deasphalting 5 
Improved; 0.108 
Table 2.1: The contribution of different physical parameters to oil drainage rates during 
VAPEX, taken as a ratio to their contribution to oil rates obtained during SAGD (Butler and 
Mokrys, 1989) 
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The mathematical model presented by Butler and Mokrys was derived mainly for the 
pseudo steady state of the VAPEX process during which the vapour chamber is fully 
established and dead oil rates are more or less stabilised. 
2.4 Artificial Diffusion Coefficients 
Although Equation 2.10 reasonably matched drainage rates in Hele Shaw cells, experiments 
in porous media resulted in much higher rates than predicted. Almost 10 times higher rates 
were observed compared to those seen in the Hele-Shaw cell experiments involving very 
similar system properties (Yazdani, 2007). Equations 2.5 and 2.10 were unable to accurately 
predict the drainage rates observed in porous media. This can be seen clearly in Figure 2.7, 
which shows the results of Das and Butler (1994) and predicted rates using equation 2.10. 
Subsequently, several factors have been proposed as possible mechanisms behind the 
observed enhanced drainage and mixing rates in porous media. 
Most researchers have proposed using artificial diffusion coefficients much higher than 
reported molecular diffusivities in an attempt to history match measured rates (Das and 
Butler, 1996; Lim et al., 1996; Das and Butler, 1998; Nghiem et al., 2000; Oduntan et al., 
2001; Kapadia et al., 2006). However, there was no justification for the nature or magnitude 
of the coefficient as it varied depending on the pack and fluid properties and the 
experimental conditions. These studies suggested that higher rates were attributed in the 
main to convective dispersion, which was ignored in the original modelling of VAPEX by 
Butler and Mokrys (1989). 
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Figure 2.7: Experimental and predicted rates, which shows how Butler and Mokrys model 
significantly under predict measured rates (after Das and Butler, 1998) 
A study similar to that of Butler and Mokrys (1989) was earned out by Dunn et al. (1989). 
In their work, CO2 and ethane were injected to recover Athabasca bitumen by gravity 
drainage in a porous medium at approximately 20 "C. Dunn et al. (1989) developed a 
mathematical model for estimating recovery rates in porous media using a similar approach 
to that used for analysing SAGD and gaseous solvents processes. The SAGD theory was 
modified by including mass transfer instead of heat transfer. In their analysis, the strong 
dependency of the diffusion coefficient on the solvent concentration was overlooked by 
assuming the analogy of SAGD in which thermal diffusivity is relatively independent of 
temperature. Since measured rates were much higher than predicted, they employed 
diffusion coefficients much higher than the known values from the literature. They 
speculated that convective dispersion may be responsible for higher rates in porous media. 
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Das (1995) studied the mechanisms involved in VAPEX by canying out several 
experiments in a packed model using butane as a solvent. As in previous studies production 
rates were higher than those obtained by scaling up the results of Hele Shaw cell 
experiments under identical conditions. This was ascribed to higher interfacial area of 
contact in porous media, capillary imbibition, surface renewal and transient mass transfer. 
Das modified the Butler and Mokrys (1989) model (equation 2.10) by introducing an 
apparent diffusion coefficient in porous media related to intrinsic diffusivity, medium 
porosity and cementation factor as 
CL12) 
: Apparent diffusion coefficient (m^/s) 
D: Molecular diffusion coefficient (m^/s) 
m: Cementation factor 
Therefore equation 2.10 becomes 
G = k g AS, & (213) 
The value of cementation factor (m) was in the range of 1.3 to 2.2 depending on the type of 
reservoir used. 
Das and Butler (1998) assumed the increased diffusivity was due to the increased interfacial 
area and hence an effective diffusion coefficient needed to be used such as; 
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(2.14) 
: Effective diffusion coefficient (m^/s) 
: Area available for flow (m^) 
Aj^ jj : Interfacial area, which is larger than (m^) 
With these modifications. Das (1995) and Das and Butler (1998) still, however, observed 
higher rates than predicted. In fact, effective diffusion coefficients 3-10 times higher than 
the molecular diffusion coefficients had to be used to history match their measured rates. 
They proposed different mechanisms as possible contributors to the enhanced mass transfer 
such physical dispersion and mixing by countercurrent flow as well as increased interfacial 
contact as described above. These factors however have not been incoiporated into a 
predictive mathematical model. 
A study by Lim et al. (1996) also used physical dispersion to explain the higher than 
expected oil rates in VAPEX. They used effective diffusion coefficients 2-3 orders of 
magnitude higher than molecular diffusion coefficients to history match drainage rates in 
sand packs. 
Karmaker and Maini (2003) investigated the effect of model size on drainage rates using 
three different physical models packed with sand. Their results showed the square root 
transmissibility scale up proposed by Butler and Mokrys under predicts oil rates. They 
found model height considerably increases the magnitude of convective dispersion. 
Similarly, Yazdani and Maini (2008) used sand-packed physical models with butane as the 
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solvent and two different oil samples to extend the original work of Karmaker and Maini 
(2003). According to equation (2.10), a square root relationship should result between rates 
and height. They found, however, a much higher height dependency than the square root. 
They suggested the drainage rate should be a function of height to the power of 1.1 to 1.2 
instead of 0.5 as shown in Figure 2.8. They speculated that ignoring convective dispersion 
may be responsible for this discrepancy. This suggests further studies are required to 
validate this finding and to further investigate whether the exponent of height is fluid and/or 
pack dependant. 
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Figure 2.8: Improved predicted oil drainage rates with higher height dependency (Yazdani 
and Maini, 2008) 
A mathematical model was developed by Kapadia et al. (2006) to determine gas dispersion 
during the VAPEX process. They used the dispersion coefficient as a tuning parameter in 
order to history match measured rates of butane and heavy oil. The optimal dispersion was 
determined when the difference between simulated and experimental rates was smallest. 
This coefficient (order of 10"' cm"/s) was found to be five orders of magnitude higher than 
the reported value of molecular diffusion of butane in heavy oil (order of 10'^  cm'/s). 
An equation of state (EOS) compositional simulation study was undertaken by Nghiem et 
al. (2000). They modelled the mass transfer in VAPEX using molecular diffusion and 
convective dispersion. They showed how the mixing mechanisms can be effectively 
modelled with a total dispersion coefficient in which convective dispersion is the main 
driving force for the mixing in VAPEX. The convective dispersion they used was five 
orders of magnitude higher than the molecular diffusion of the solvent (propane). Another 
simulation study by Cuthiell et al. (2003) came to similar conclusions. 
Many other studies have shown much higher diffusion coefficients are needed to match 
VAPEX oil production rates (Lim et al., 1996; Oduntan et al., 2001). These values all 
indicate a strong concentration dependence of dispersion. It is noteworthy that diffusion 
coefficients (obtained from history matching) may change by up to two orders of magnitude 
between the solubility limits (Boustani and Maini, 2001). As the solvent's concentration 
within the diluted oil increases, the viscosity drops which affects the bulk velocity and the 
Peclet number. Diffusivity increases as the viscosity decreases, because the product of 
diffusivity and viscosity is assumed to be constant. 
The role of convective dispersion in VAPEX was best explored by Boustani and Maini 
(2001). They conducted several experiments in Hele-Shaw cells using butane as solvent and 
two oil samples. In order to vary the viscosity of these samples, they operated at different 
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temperatures. As a first approach, they used a diffusion coefficient equal to the maximum 
butane concentration. They back-calculated the dimensionless parameter N, from the rates 
measured experimentally. They also computed this parameter analytically using equations 
(2.5) and (2.10). The order of discrepancy between the two parameters was one to two 
orders of magnitude. To improve their predictions, they used a dispersion coefficient (rather 
than molecular diffusion) by incorporating Taylor's dispersion theory in fine capillaries. 
With this, the discrepancy was improved significantly as shown on the Figure 2.9 below. 
The ratio between dispersion coefficients as found using Taylor's theory and molecular 
diffusion coefficients ranged from 2-10 times. 
Boustani and Maini (2001) then performed several VAPEX experiments in a sand pack 
utilising butane as solvent and Northstar-Panny heavy oil. They observed much higher rates 
than predicted and the back-calculated Ns was almost three orders of magnitude higher than 
that calculated using molecular diffusion alone. They incorporated dispersion effects using 
dispersion equations derived by Perkins and Johnston (1963), but that hardly improved the 
predictions. This can be attributed to the fact that Perkins and Johnston correlations were 
developed in porous medium and using fluid properties that were significantly different 
from those in Boustani and Maini study. Boustani and Maini concluded that additional 
experiments in porous media dedicated to measure dispersion at low velocity and large 
viscosity contrast (as in this study) were required. This is particularly important since fluid 
and pack properties as well as degree of homogeneity are all influencing dispersion. 
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Figure 2.9: Improvement in calculated analytical Ns to match the experimentally computed 
Ns by incoiporating velocity dependent dispersion in place of molecular diffusion. The 
dashed line is where both values of Ns are equal (after Boustani and Maini, 2001) 
From the studies above, it would appear that the convective dispersion coefficient may be 
needed to model the VAPEX process. Using just the molecular diffusion coefficient results 
in significant under predictions of oil rates. Although these studies have pointed out the role 
of convective dispersion, to date there has been no attempt to measure longitudinal and 
transverse dispersion coefficients for a VAPEX fluid system. This is particularly important 
in order to determine whether this is what governs the mixing between the solvent and oil, 
which in turn determines drainage rates and thus the viability of the VAPEX process. For 
54 
accurate prediction, it is essential to determine the dispersion of the solvent as it gets mixed, 
however literature surveys indicate there is scarcity on this much-needed data. It is cleai" that 
the combined effect of viscosity reduction, gravitational flow, surface renewal and 
molecular diffusion cannot be adequately described by diffusion alone. This is why the 
cuiTent scale-up methods failed to predict measured rates in porous media. 
Most studies have used dispersion values much higher than would be expected at rates 
encountered in oil reservoirs and in particular VAPEX process. It is also evident that 
researchers have focused on dispersion as the only "tuning" tool to "blame" for the observed 
rates. This means other possible explanations for this have been ignored. One such factor 
may be the dependency of oil rate on system thickness as Yazdani and Maini (2008) pointed 
out. Thus, more studies to provide the order of magnitude of dispersion coefficients in 
VAPEX process would be of a great value. 
2.5 VAPEX Parameters 
The underlying principle in VAPEX is to reduce oil's viscosity by solvent dilution. To 
maximise its efficiency, several parameters need to be optimised when implementing this 
process. A brief description of some of them is outlined below. 
2.5.1 Injector-producer configuration 
To maximise the area of contact between solvent and oil, horizontal wells are prefened 
although vertical wells can be used. The distance between the injector and producer is 
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dictated by mobility of the oil at the prevailing reservoir conditions. When the oil is 
relatively mobile, the distance can be increased so that e.g. the injector is placed at the top 
of formation. However, in the case of bitumen which generally has a very low mobility, the 
wells should be placed close to each other so that early pressure communication can be 
achieved between wells. Initial higher rates are possible for different well locations. For 
example, Jiang and Butler (1996) examined the effect of production-injection well spacing 
on the recovery using physical models. They found that placing the injection well near the 
bottom gives a better production rate initially than placing it near the top. This can be 
attributed to the initial downward displacement of vapour. During the later stages, however, 
better rates are obtained if the injection well is placed at the top. In this case the thicker 
vapour chamber gives a higher driving force and hence higher rates. Notably, both 
experiments give almost identical cumulative oil production. Jiang and Butler noted that the 
stabilised production rates are independent of the well configuration used because the 
pressure drop between the injector and producer for the vapour (gas phase) is negligible. 
In reservoirs with bottom aquifers, both wells should be placed close to the oil-water contact 
(Figure 2.10). The solvent is virtually insoluble in water while highly soluble in oil and thus 
there are no material losses to the water layer. The mobile water can assist the mixing of 
solvent and oil as it flows through the porous media and also by carrying the diluted oil 
towards the producer (Butler and Mokrys, 1998). Furthermore, by having the injector within 
or very close to the underlying aquifer, the solvent will segregate vertically forming rising 
solvent chambers. Here, gravity segregation causes the vapour chamber to grow vertically, 
which maximises area of contact between the solvent and oil. At the same time, diluted oil 
drains along the contact to the producer because of gravity. This countercurrent flow leads 
to a faster production and a higher recovery (Das and Butler, 1996). 
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Figure 2.10: Well placement for reservoirs with bottom aquifers and increased mixing due 
to countercurrent flow 
A study by Jiang and Butler (1996) investigated the effects of reservoir heterogeneities on 
well placement in both uniform and layered models. In all experiments, the producer was 
placed at the bottom of the model, while the location of the injection well was varied to 
assess the impact on production performance. Their results found top and bottom injections 
were equally good for the uniform model, although an improved oil production was 
observed in the layered model with injection at the top. 
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Figure 2.11: Effect of top and bottom injection on oil production (after Jiang, 1997) 
The difference between bottom and top injection schemes was studied, amongst other 
configurations, by Jiang (1997). He found both configurations produced almost the same oil 
(Figure 2.11), although bottom injection gave slightly higher rates (possibly due to counter-
cunent flow), but once the solvent chamber had reached the top of the pack the two 
configurations worked equally well. 
It should be noted however that bottom injection is not desirable for oils with high 
concentrations of asphaltene. The resulting long contact time between solvent and oil causes 
asphaltene precipitation which could cause reduced injectivity problems. 
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2.5.2 Solvent Selection 
For field applications, the choice of solvent(s) is not very clear but usually it involves a low 
molecular weight hydrocarbon such as ethane, propane or butane or a mixture of these. 
Propane is probably the most commonly used solvent especially in lab-based 2-D models 
followed by butane. The former has higher solubility than butane, ethane and methane at the 
same operating conditions. Also, the interfacial tension between this solvent and oil is lower 
as a result of its higher solubility. A study by Luo et al. (2007) used three different oils with 
different asphaltene contents. They found propane solubility is higher than that of n-pentane 
and it caused asphaltene precipitation which further increased the solvent solubility. With 
the greatly reduced viscosity of upgraded heavy oil, the molecular diffusivity of solvent in 
this oil increases substantially. 
It should be noted, however, that the choice is influenced by reservoir temperature, pressure 
and oil composition. Temperature and pressure have direct influence on solvent selection, 
since solvents are injected just under their vapour pressures at the reservoir temperature. 
Thus it would appear that ethane for example is a better choice for relatively high pressure 
reservoirs. However, deasphalting effects are more pronounced with propane especially in 
oils with high concentration of asphaltene. Also, cost and supply of the solvent are 
important variables in the economics of VAPEX. 
59 
2.5.3 Injection Pressure 
The drainage rate in VAPEX is directly related to the amount of solvent dissolved and 
diffused into bitumen. The solvent vapour has maximum solubility in oil near its vapour 
pressure at the reservoir temperature (Das, 1998). An experimental study by Mokrys and 
Butler (1993) investigated the effect of injection pressure of propane on cumulative oil 
recovery using Tangleflags crude in a 2-D packed model. Their results as shown in Figure 
2.12 show highest rates were achieved when propane was injected near the saturation 
pressure. However, the solvent is injected below this pressure to avoid liquefaction of the 
solvent in the reservoir. In high pressure reservoirs, a non-condensable gas may be added to 
the solvent to increase the vapour pressure of the mixture, since butane and propane have 
low vapour pressures in most heavy-oil reservoirs as these are typically fairly cool with 
temperatures typically are in the range of 20-40 °C. In this way, while the solvent e.g. 
propane, is diffusing into the bulk bitumen, the non-condensable gas such as CO? is 
maintaining the operating pressure. 
Das and Butler (1995) examined the effects of non condensable gases on VAPEX efficiency 
on their work to extract Tangleflags crude. They injected a mixture of nitrogen and butane 
at pressures (0.43-0.78 MPa) that were much higher than the vapour pressure of pure butane 
at room temperature of 21 °C (0.21 MPa). They concluded injection pressure had very little 
effect on oil production rates. A similar finding was reported by Jiang (1997). It should be 
noted however, that at a given injection rate, increased non-condensable gas injection rates 
result in lower production since less solvent is available for viscosity reducing and 
deasphalting effects. In relatively shallow deposits with low reservoir pressures, the vapour 
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pressure of the optimum solvent may be too high and hence it may have to be replaced by 
another solvent. 
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Figure 2.12: Effect of injection pressure on steady oil production using Propane in packed 
model (after Mokrys and Butler, 1993) 
The injection pressure maybe varied during the course of extraction, a process better known 
as pressure cycling. The solvent is injected at a high pressure (close to its vapour pressure) 
for a period of time to take advantage of deasphalting. It may then be lowered so that diluted 
oil drains leaving a swept zone behind. The high injection pressure is particularly 
advantageous at early times, where a high concentration gradient develops at the solvent oil 
interface, which promotes high initial extraction rates. It should be noted however that a 
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high solvent injection pressures decrease solvent diffusivity with heavy oil due to 
condensation of solvent. 
The existence of a gas cap has some influence on the injection rate. A high initial rate is 
beneficial to speed up the initial solvent concentration at the gas/oil contact. Therefore, 
injection pressure needs to be carefully selected in a VAPEX process. 
2.5.4 In-situ Upgrading 
Some distinct characteristics of heavy oils and bitumen are the low availability of dissolved 
gasses and high amounts of asphaltene. The latter can be as high as 22% by weight and are 
responsible for the high viscosity of these crude oils (Das, 1998). When sufficient 
concentrations of the solvent are available in the oil, deasphalting takes place and this 
further reduces the viscosity of the crude (less high molecular weight fraction remains). The 
result is an improved recovery (which can be as much as 35% additional oil) and faster 
drainage rates. A study by Butler and Mokrys (1993) investigated deasphalting effects of n-
pentane on Cold Lake bitumen and Lloyminster Tangleflags oil. They noticed a dramatic 
decrease in the crude's viscosity when the asphaltene content was totally removed. For 
example, the viscosity of Cold Lake bitumen dropped from 68000 cP to a mere 4000 cP 
upon removal of the 17.6 wt. % asphaltene content (Figure 2.12). Similarly, a study by Das 
(1995) found deasphalting increased drainage rates by over 50 %. Although deasphalting 
reduces viscosity by a few orders of magnitude, its effects on enhanced recovery is lower 
since the rate is believed to be controlled by diffusion/dispersion of solvent in the bitumen, 
which does not change as fast as viscosity. 
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In addition, in situ upgraded oil has a better market value as transportation and refining 
costs are reduced. The lighter deasphalted oil also has a reduced sulphur and metal content, 
which will also reduce the energy needed to upgrade the oil in refineries and thus will result 
in lower CO2 emissions. The study of Butler and Mokrys (1993) found the total content of 
vanadium, nickel and fenate was decreased from its original level of 270 ppm to only 10 
ppm in deasphalted oil. Furthermore, the lower asphalt content causes lower wear and tear 
at refinery facilities (Luhning et al., 2003). Thus, deasphalted oil is much more desirable for 
downstream operations. 
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Figure 2.13: Effect of asphaltene content on the viscosity of Cold Lake bitumen (after Das, 
1995) 
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Asphaltene precipitation is not a serious problem for the VAPEX process as many 
researchers (Das and Butler, 1994; Das and Butler, 1998; Das, 1998; Oduntan et al., 2001; 
Nghiem et al., 2001; Xu, 2005; Zhang, 2007; Upreti et al., 2007) have concluded from their 
experimental results. For example, Das (1998) earned out some experiments in Hele-Shaw 
cells and bead pack models using propane and butane as solvents. He observed that the 
precipitated asphaltene remained attached to the glass plates and concluded they may not 
move in reservoir pores as diluted oil drains, but rather would remain adsorbed on the 
reservoir matrix. Similar results were reported by Das and Butler (1994) based on their 
experiments in Hele-Shaw cells. This can be explained by the work of Dubey and Waxman 
(1991) who suggested clay minerals and silica adsorb asphaltenes due to hydrogen bonding, 
which predominantly exist in asphaltene fraction of oils. Moreover, in the VAPEX process, 
diluted oil flows downwards along the solvent-oil interface and leaves an asphaltene layer 
deposited behind the vapour chamber and thus is not impaired by asphaltene. Although 
wettability may change as a consequence of deasphalting, this will have no impact on the 
process since that part of the reservoir is already swept by the solvent and drained out. There 
could be some permeability reduction as some pores get blocked by precipitated 
asphaltenes. However, because the injected solvent is usually gaseous, permeability to gas 
in the asphaltene-filled matrix may be enough to maintain the supply of vapour to the 
interface. In addition, it is not expected that asphaltenes will occupy more than 20% of the 
void space and thus vapour solvent will bypass and be able to contact fresh bitumen. Also, 
permeability reduction will take place in areas already drained out. Hence, deasphalting 
does not cause flow impairment but rather enhances flow through removal of asphaltenes. 
Even with some reduction in permeability, drainage rates can increase between 30-50% 
when compared with no deasphalting (Das and Butler, 1994). 
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It is noteworthy to point out that in-situ upgrading (or asphaltene precipitation) is only an 
enhancement to the VAPEX process. In cases where the solvent concentration is not high 
enough to cause deasphalting, there is still oil flow due to viscosity reduction. Thus, an 
economic evaluation study is required to find out whether it is more profitable to inject less 
gas with reduced recovery or more solvent with accelerated rates and improved recovery. 
This also puts emphasis on the availability and the transportation of the solvent especially in 
remote areas. 
2.5.5 Advantage of the VAPEX Process 
Vapour Extraction is an environmentally-friendly non-theiTnal oil recovery technology that 
has the potential to prolong the life of heavy oil fields. In some troublesome reservoirs 
where thermal processes are not feasible or not economic, the VAPEX process may be the 
best alternative. It offers distinct advantages that sometimes make this process suipass 
thermal ones in particular SAGD. For example, VAPEX is highly energy efficient since it 
requires between 0.2-0.5 kg of solvent to produce 1 kg oil i.e. a solvent to oil ratio (SOR) of 
0.2-0.5, whereas most steam processes require more than 3 kg to produce the same oil (Das, 
1998). This also means the size of surface facilities is much smaller than in SAGD or steam 
injection. Furthermore, because the solvent is injected as vapour, a small mass fraction is 
usually left behind in the reservoir to fill the sand matrix. The produced solvent can be 
recovered and recycled. The net energy required in VAPEX is about 3% of steam based 
processes (Das, 1998). 
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Thin-pay reservoirs and those underlain by aquifers can be problematic for thermal 
processes because of expected heat losses to over- and under-burden and to water 
respectively. However, this is not a concern in VAPEX as no heat is involved. In fact, 
reservoirs underlain by aquifers are readily amenable to this process. Used solvents are 
virtually insoluble in water and this means no solvent is lost to the aquifer. In addition, 
water can be beneficial in terms of spreading the solvent beneath the oil layer as discussed 
above. A closed-loop study by Butler and Mokrys (1993) found extraction rates were higher 
in reservoirs underlined by water compared to reservoirs with no bottom water zones. 
Reservoirs with overlying gas caps are usually not economically viable to thermal processes 
due to increased heat losses to the gas cap. A study by Karmaker and Maini (2003) 
investigated the applicability of VAPEX to such problematic reservoirs. Their results 
showed that such scenario maybe beneficial to the process performance. The injected 
solvent rapidly spreads over the gas-oil contact area, which accelerates the diffusion process 
and thus improves the mass transfer process. 
The VAPEX process is environmentally friendly, causes in situ upgrading as outlined above 
and requires lower capital upfront when compared to competitive processes such as SAGD. 
If CO? is used as solvent, this process can reduce green house gas emissions. An attractive 
option is to use CO2 as a major component in the injected solvent. Because it is highly 
soluble in heavy oils, CO? based VAPEX can be very cost effective since it is cheaper than 
conventional light hydrocarbon solvents. In fact, a mixture of CO? and propane is a better 
solvent than propane and ethane (Talbi and Maini, 2003). Also because is it desirable to 
reduce CO? levels in the atmosphere, the current focus is on CO? sequestration into 
underground formations. This interest arises from the fact that CO? has the greatest 
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contribution to the global warming due to the increased emission of greenhouse gases. Thus, 
the use of C02 in VAPEX process has the potential to not only reduce costs but also to 
provide environmental benefits. 
2.6 Conclusions 
Vapour Extraction (VAPEX) is a promising process to un-tap the virtually unlimited supply 
of energy from heavy oil deposits. In the process, the solvent is injected just under its vapour 
pressure to maximise solubility and diffusivity, with possible deasphalting effects that 
further improves the recovery process. VAPEX has several distinct advantages that can even 
suipass its thermal analogue process (SAGD) in many troublesome reservoirs. 
Although the process has been extensively studied in laboratory and shown great potential, 
field applications however have been limited due to concerns that favourable laboratory 
recoveries may not scale up to the field. It is clear that some important aspects of the 
process are not fully understood, the most important of all is the rate of mass transfer across 
the solvent-oil interface. In particular, previous studies of VAPEX in porous media have 
obtained significantly higher production rates than predicted either by analytic models 
derived from Hele-Shaw experiments or numerical simulations. Commonly, artificial 
dispersion coefficients have been used as a tool to history match experimental results, 
without justifying the nature or magnitude of these coefficients. Several parameters have 
been proposed that assume greater mixing between vapour and oil than would be expected 
from molecular diffusion but it is difficult to see how mixing can be increased by several 
orders of magnitude as suggested by Lim et al., 1996; Das, 2005; Kapadia et al., 2006 and 
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Upreti et al., 2007. It is therefore vital to understand the physical mechanisms causing 
mixing in the porous medium, which is crucial to the viability of the VAPEX process. 
The mixing between displacing and displaced fluids and how it is influenced by the structure 
of the porous medium is thoroughly explained in the subsequent chapters. 
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CHAPTER THREE 
DIFFUSION AND DISPERSION IN POROUS MEDIA 
Diffusion and dispersion are of great importance in many practical applications, including 
chemical engineering as in reaction and adsorbing species, petroleum engineering as in 
miscible displacements and in civil engineering who are confronted with the problem of salt 
water intrusion of coastal aquifers. In VAPEX, when the solvent comes in contact with oil, 
it dissolves and then it diffuses at the interface between the two fluids. Mass transfer takes 
place at this interface and it is a single phase region because of miscibility that develops 
between the solvent and oil. Because oil recovery is influenced by dispersion and diffusion, 
it is necessary to consider these effects on the fluid flow through the porous medium to 
better understand the oil drainage rate of VAPEX. Also, since fluids involved in the process 
are characterised by high density and viscosity contrasts, it is important to quantify their 
impact on mixing and thus on dispersion. 
The concepts of fluid flow through the porous medium and effects of density and viscosity 
on dispersion are outlined in this chapter. Justifications for the use of the general advection-
diffusion equation (ADE) are also summarised. 
3.1 Diffusion and Dispersion in Porous Media 
Mixing between fluids in porous media is influenced by the combined effects of diffusion 
(Brownian motion) and convective dispersion (interweaving of fluid stream lines) due to the 
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complex structure of the medium. Through the porous media, fluid particles travel at 
different velocities and follow different pathways from the average velocity of the main 
stream, which enhances mixing with resident fluid(s). Usually, the movements of travelling 
particles are resolved into two components; longitudinal or in the direction of flow and 
transverse or peipendicular to the direction of flow. The treatment of dispersion is based on 
Pick's law, with the diffusion coefficient replaced by a tensor dispersion coefficient; this has 
components along the direction of flow (i.e. longitudinal, KL) and peipendicular to direction 
of flow (i.e. transverse dispersion coefficient, Kj). In the VAPEX process, diffusion and 
dispersion control the mass transfer across the fluids interface. An accurate determination of 
the rate of mixing between the solvent and oil is very critical to the economic viability of the 
process (see the discussion in Chapter 2). 
An extensive experimental work on the estimation of dispersion coefficients is available on 
the literature. Most studies were conducted with fluids of similar or comparable densities 
and viscosities. Several conelations have been established with empirical constants that 
usually reflect the nature of medium and fluids used. However, mixing in VAPEX is 
accompanied by a sharp decrease in density and viscosity of the mixture, and thus, cunent 
conelations may not be accurate enough to account for this. Furthermore, it is necessary to 
measure dispersion coefficients in the same medium intended for the experimental studies of 
VAPEX drainage rates described later in this thesis. 
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3.1.1 Diffusion 
Diffusion refers to mixing when the bulk fluid velocity is zero and it is the main mixing 
mechanism in stagnant and slow moving fluids. Molecules are in random motion (the 
Brownian motion) and this process causes concentration homogenisation. If two miscible 
fluids come in contact with each other, an initial sharp interface between them will be 
formed. However, as time passes it will gradually disappear as they diffuse into each other. 
The mathematical theory of diffusion is based on Pick's law, who adopted Fourier's model 
of heat transfer by conduction. The hypothesis behind it is that the transfer rate of diffusing 
substances through a unit cross-sectional area is proportional to the concentration gradient 
normal to this section. The proportionality constant is the diffusion coefficient. For a 
constant diffusion coefficient (D), which is independent of concentration, Pick's law may be 
written as: 
The positive sign in equation 3.1 arises because the net solute diffusion proceeds from a 
region of high concentration to a region of lower concentration. Thus, in the net direction of 
diffusion, the concentration gradient is negative and the flux is positive, but the second 
derivative of concentration in space is positive and thus the diffusion coefficient is positive. 
This partial derivative equation (PDF) can be solved for concentration, which is measured 
experimentally. Thus, the diffusion coefficient can be computed using an iterative process. 
The solution to equation (3.1) depends on the boundary conditions imposed. Various 
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solutions are given by Crank (1995). For a constant D and a semi-infinite domain, equation 
3.1 can be integrated to give fluid concentration (c) as a function of time (t) and distance (x) 
as: 
erfiy/) = (3.3) 
0 
If the concentration (c) is plotted on probability coordinate paper, it gives a straight line as 
in Figure 3.1, from which D can be calculated as (Taylor, 1953): 
f 3.625 
Here, xgo and x;o are the distance from the initial interface where the composition is 90% 
and 10% respectively. If D is a function of concentration (c), the relationship between 
diffusion coefficient and concentration needs to be included in Equation 3.1 before 
integration, which complicates the derivation process. 
Because of their high viscosities, heavy oils and bitumen have low diffusion coefficients, 
compared to conventional oils. There are different methods to measure gas diffusing into 
these fluids, which can be broadly categorised as experimental or correlation-based 
methods. Within the first category, gas diffusivity can be estimated from NMR 
measurements or more accurately T2 relaxation times (Hirasaki et. al, 2003). Riazi (1996) 
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developed a method based on PVT cells for measuring diffusivity which was later modified 
and simplified by Zhang et al. (2000). 
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Figure 3.1: Calculation of dispersion coefficient from the straight line of concentration 
profile when plotted on probability paper 
Although experiments are more accurate in determining diffusion coefficients, they are time 
consuming and can be expensive. Instead, mathematical correlations relating diffusion to 
fluid composition (such as viscosity) and temperature may be used. Several correlations are 
available in the literature. Generally speaking they were derived from Stokes-Einstein 
theory as a starting point. A collection of these correlations, and the general deviations have 
been summarised by Reid et al. (1987). Table (3.1) lists some commonly used relations. 
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One needs to exercise caution when using these correlations and understand the relevant 
assumptions controlling their validity before trying them. 
Correlation Reference 
Wilke and Chang (1955), all solutes 
0.0591x10-^;/-°^^ Hayduk et al. (1973), propane + Peace River 
bitumen 
Das and Butler (1996), propane + Peace River 
bitumen 
4.131x10-^;/-°^ Das and Butler (1996), butane + Peace River 
bitumen 
13.3x10-' Hayduk and Minhas (1982), paraffin 
solute/solvent 
Table 3.1: - Comparison of correlations for estimation of liquid diffusivities (after 
Boustani and Maini, 2001) 
In a porous medium due to the existence of tortuosity of the pore space (T), the apparent 
diffusion coefficients (D^) will be less than molecular diffusion coefficients (D,„) because 
of the restrictions placed on the free movement by the grains forming the medium (i.e. a 
diffusing particle has to travel longer distance because of the twisted paths between the 
grains). Several investigators (e.g. Richardson, 1961, Blackwell, 1962; van der Poel, 1962; 
Perkins and Johnston, 1963) stated that a reasonable tortuosity for unconsolidated packs 
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such as bead-packs is 1.4. In other words, when a fluid has travelled a net distance L, it has 
travelled an actual average distance of 1AL. Thus, the two coefficients are related as: 
* * * 0.7 (3.5) 
I) f 1^ ./2 
: Apparent diffusion coefficient (mVs) 
D,„: Molecular diffusion coefficient (m^/s) 
T : Tortuosity of the pore space 
Other researchers such as Grane and Gardner (1962) and Brigham et al. (1961) proposed a 
more accurate relation by recognising the analogy between diffusion and electrical 
conductivity so as: 
— = — (3.6) 
F: Fonnation factor 
(j): Porosity 
Archie (1942) suggested the formation resistivity factor (F) is related to porosity {(p), 
cementation factor (m) and a constant "5" as: 
jF ==,/(&" (3.7) 
The cementation factor is greatly dependent on the rock lithology. A compilation of these 
values are given in Table 3.2 for a porosity of 0.3 and ^ = 1. It is very apparent that more 
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consolidated rocks have higher values of cementation factors and thus apparent diffusion 
coefficients are accordingly smaller. This, as stated above, emphasises the fact that 
correlations need to be used with care in porous media as diffusion coefficients will depend 
on the nature of the porous medium as well as the fluids. 
Rock Description m F l / F ^ 
Unconsolidated rock (loose sands, oolitic 
limestone) 1.3 4J8 OJO 
Glass bead pack 1.4 4.6 0.65 
Very slightly cemented (Gulf coast type of 
sands, except Wilcox) 1.4-1.5 5.4-6.1 0.62-0.55 
Slightly cemented (most sands with 20% 
or more porosity) 1.6-1.7 6.9-7.7 0.49-0.43 
Moderately cemented (highly consolidated 
sands, 15% porosity or less) 1.8-1.9 8.7-9.9 0.38-0.34 
Highly cemented (low porosity sands, 
quartzite, limestone, dolomite of 
intergranular porosity, chalk) 
2.0-2.2 11.1-14.1 0.3-0.24 
Table 3.2: Experimental values of cementation factor (m) vs. rock lithology (modified after 
Boustani, 2001) 
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3.1.2 Dispersion in Porous Media 
Dispersion is the total rate of mixing as a result of fluid movement. It is the sum of mixing 
due to diffusion and fluid flow or convective dispersion. Unlike diffusion which is a 
molecular scale process, dispersion is a macroscopic one. The porous medium can be 
viewed as being made up of many flow channels with various sizes, directions and 
junctures. This complex geometry of the porous medium causes uneven fluid flow through 
these channels. As a result, mixing is increased. As the sand grain or bead size gets smaller, 
the number of flow channels and tortuosity increase and thus the unevenness of the fluid 
flow will subsequently increase. This explains why smaller beads or grains tend to produce 
higher mixing or dispersion coefficients as was experimentally found for example by 
Brigham et al. (1961). 
Taylor (1953) studied flow through capillary tubes. He showed that mass transfer is 
enhanced by the non-uniform velocity profile over the cross-section of the capillary. This 
concept is schematically illustrated in Figure 3.2, for a tube with radius r. A slug of a fluid 
(A) displaces fluid (B) through a capillary tube. After a sufficiently long time, it gradually 
spreads out and mixes with fluid (B) under the combined effects of molecular diffusion and 
parabolic velocity distribution created by momentum variation under the influence of the 
wall of the tube. The velocity is highest at the centre of the conduit and minimum (zero) at 
the wall. Since the matter travels at the mean speed (m), it gets dispersed as it travels though 
the tube with a longitudinal dispersion coefficient given by: 
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K 
48 D 
(3.8) 
Taylor (1953) derived equation 3.8 assuming negligible diffusion in the direction of flow i.e. 
dispersion is dominated by convective dispersion. The mean velocity {u) at a distance (z) 
from centre of pipe is related to the maximum velocity {UQ) at the centre of the pipe as: 
w = "o ( 1 - r ^ / z ^ ) (3.9) 
Aris (1956) generalised the approach of Taylor (1953) and showed the exact solution is 
K = D + (3.10) 
48 D 
f=0 f >>0 
u 
B 
Parabolic 
Velocity profile 
Figure 3.2: A schematic of Taylor dispersion in capillary tubes induced by parabolic 
velocity profile 
In studies of mixing processes, it is convenient to separate mixing in the direction of flow or 
longitudinal dispersion KL from that perpendicular to the direction of flow or transverse 
dispersion Kj. It is common practice to plot dispersion coefficients as a function of a 
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dimensionless parameter that represents the rate of advection to the rate of diffusion, better 
known as Peclet number {Pg). Also, comparison between measured data from various 
researchers using different medium properties is easier when data is plotted this way. 
The mathematical treatment of dispersion is very similar to diffusion. The diffusion 
coefficient D in equation (3.1) is replaced by the dispersion tensor K which depends upon 
the flow direction. Dispersion is a function of the interstitial velocity of the solute averaged 
across all pores; however it is caused by local variations in direction and magnitude of the 
instantaneous advective velocity. Thus, two principle physical mechanisms cause dispersion 
in a porous medium. The first is advective speed that varies within a pore due to the velocity 
profile as described by Taylor (1953) and Aris (1956) and scales with velocity iT or P / . The 
second principle mechanism is advective speed that varies between different pores due to 
complex structure of the porous medium and scales with u or Pg. 
Longitudinal and transverse dispersion coefficients are normally determined by laboratory 
miscible displacement experiments. Various methods have been proposed by different 
authors such as those by Carman (1939); Brigham et al. (1961) and Houseworth (1993). In 
most cases, the dispersion coefficient is computed by fitting the outlet concentration versus 
time to various solutions of the advection-diffusion equation as in equation 3.2, with D 
replaced by dispersion coefficient. A simplifying assumption is usually made is that KL is 
negligible when KT is measured and vice versa. 
In addition to experiments, several correlations are available in the literature to compute 
convective dispersion coefficients. Such correlations have been proposed by Grane and 
Gardner (1961), Brigham et al. (1961), Blackwell (1962), Perkins and Johnston (1963), and 
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more recently Cavalho and Delgado (2001, 2003). The correlation obtained by Blackwell is 
shown in Figure 3.3 and that by Perkins and Johnston in Figure 3.4. As pointed out 
previously, fluid properties such as density and viscosity, grain size and shape and model 
orientation are parameters influencing mixing and thus dispersion coefficients. At relatively 
low Peclet numbers (or interstitial velocities), molecular diffusion controls dispersion and 
dispersions approaches the limiting value of 0.6-0.7 for an unconsolidated pack as stated 
before. On the other hand, dispersion is dominated by convective dispersion at high Peclet 
numbers. 
W 
Longitudinal Dispersion 
b;.;;! Tfonsvers« Dispersion 
103 
CpU 
Figure 3.3: Dispersion coefficients for various sand sizes and packing conditions (after 
Blackwell, 1962) 
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Figure 3.4: Dispersion coefficients for unconsolidated packs (after Perkins and Johnston, 
1963) 
The proposed empirical relations to compute longitudinal and transverse dispersion 
coefficients are of the general form: 
— = {Pef' 
£>... D.. ^ 
— = + aj {Pef' 
D.„ D.. 
(3J1) 
m m 
In the equation above, Pe 
^ ud,^ 
V J 
is the Peclet number (where u is the local macroscopic 
fluid velocity and dp is usually taken to be the mean diameter of particles forming the porous 
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medium). Dispersivities ( a ^ a n d a ^ ) and power-law exponents (P^andP^) are usually 
obtained experimentally and have been found to vary by several researchers depending on 
medium and fluid properties. 
For a single capillary tube = —and = 2 according to Taylor (1953) as in equation 
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3.8, but for matched viscosity and density displacements in unconsolidated porous media 
experimental values forflr^ between 0.49 (Brigham et al, 1961; Gunn, 1968) and 1.75 
(Perkins and Johnston, 1963) have been reported. Perkins and Johnston (1963) and Gunn 
(1968) suggest that /3L-\ but values of between 1.18 and 1.2 have been obtained in 
laboratory experiments by Aronsky and Heller (1957), Brigham et al (1961), Pfannkuch 
(1963) and Stohr (2003). Bijeljic et al (2004) obtained a value of 1.19 from their numerical 
experiments. 
For transverse dispersion, theoretical analysis by de Josselin de Jong (1958) suggests that 
3 
ctTj. = — whilst laboratory measurements by Blackwell (1962) and Grane and Gardner 
(1961) and later reported by Perkins and Johnston (1963) suggest thata^ =0.055. Olsson 
and Grathwohl (2007) have measured a value of a j = 0.28. Most authors (De Josselin de 
Jong, 1958; Grane and Gardner, 1961; Black well, 1962; Pozzi and Blackwell, 1963, Perkins 
and Johnston, 1963) report that =1, although Carvalho and Delgado (2000) report a 
value of 0.57 and Klenk and Grathwohl (2002) obtained a value of 0.5 from theoretical 
considerations. Olsson and Grathwohl (2007) have measured a value of = 0.72 in their 
laboratory experiments. 
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Perkins and Johnston (1963) proposed a general correlation for fluids with equal density and 
viscosity that takes into consideration the nature of the medium and the mobility ratio as: 
K D 
— - = — - + 0.5 a.Pe, where a.Pe<5Q (3.12) 
K D 
— — — + 0.0157 a.Pe, where a.Pe < 10"^  (3.13) 
Dm Dm 
a\ Inhomogeneity factor (mixing parameter), a function of Peclet number and viscosity 
ratio (see Table 3.3) 
The mixing coefficient a is determined experimentally and is not a constant but rather 
varies according to the medium characteristics and the viscosity ratio of the fluids used. It 
can be visualised as quantifying how inhomogeneous the medium is. It greatly depends on 
the particle's size and shape and on viscosity ratio. As the particle's diameter gets smaller or 
more iiregular, the mixing coefficient increases considerably. With finer particles, there are 
more paths for flowing fluids and thus more splitting and rejoining (i.e. more mixing). In 
addition, it is more difficult to get a uniform and homogenous packing with finer particles 
due to greater variation in particle size. This is why natural reservoirs, which are 
heterogeneous on both microscopic and macroscopic length scales, exhibit higher mixing 
and higher a values (see for example Mahadevan et al, 2003). Brigham et al. (1961) 
reported a value of a = 53 for Berea sandstone compared to a value of merely 0.3 for a 0.47 
mm bead pack at the same viscosity ratio of 0.175 (Table 3.3). The mechanisms that lead to 
increased dispersion in heterogeneous media such as mixing due to obstructions and the 
existence of different pore geometries are given elsewhere (see for example Greenkorn, 
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1983 and Landman et al., 2007). This highlights the importance of this parameter in 
naturally occumng porous media. It also emphasises the need to view data from different 
authors with care as they may be using different porous media properties and/or viscosity 
ratios. In this work, this problem was solved by using the same beads in the model used to 
measure dispersion as well as in the VAPEX model. Furthermore, similar sieving and 
packing procedure was adopted for both models. Thus it was reasonable to make direct use 
of the measured dispersion coefficients in the analysis of the VAPEX experiments 
conducted in a separate bead pack. 
Porous Medium Viscosity Ratio a 
0.044 mm Beads 0.175 0.69 
0.100 mm Beads 0.175 0.49 
0.100 mm Beads 0.998 2.78 
0.470 mm Beads 0.175 0.3 
Torpedo Sandstone 0.175 23.2 
Berea Sandstone 0.175 53 
Table 3.3: Effect of viscosity ratio and porous medium on inhomogeneity factor (after 
Brigham et al., 1961) 
Longitudinal and transverse dispersion coefficients are not equal, since velocity in direction 
of flow is generally higher than that transverse to direction of flow. As in the dispersivity 
( a n d ) and power law exponents (|3^ and[3^), the literature also shows discrepancies in 
the reported values of the ratio of longitudinal to transverse dispersion coefficients ( — ) . 
K.,. 
Although many authors predict that this ratio approaches a limiting value at high Pg, there is 
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disagreement on what this limiting value should be. For example, experimental results by 
Blackwell (1962) and Richardson (1961) reported a value of 24, Perkins and Johnston 
(1963) gave a value of 31.8, while Pozzi and Blackwell (1963) found this ratio equal to 29. 
Several other ratios have been reported such as 5.5 by Aris and Amundson (1957), 6-8 by 
Scheidegger (1960) and 6-10 by De Josselin de Jong (1958). As discussed before, medium 
and fluid properties have direct influence on measured dispersion values and thus on 
dispersivity and power law exponents. Furthermore, dispersion values can vary widely 
depending on the degree of homogeneity and experimental en ors. 
3.2 Viscosity and Gravitational Effects on Dispersion 
Most dispersion measurements in the literature were conducted using fluid pairs with 
modest or negligible density and viscosity contrasts (Table 3.4). However, the flow in 
VAPEX involves fluids with large density and viscosity differences and hence their effects 
on mixing needs to be accounted for as existing correlations may not be adequate in 
representing mixing at the interface. The literature suggests that both longitudinal and 
transverse dispersion coefficients will change as a function of density and viscosity 
contrasts between the fluids (Blackwell et al., 1959; Brigham et al., 1961; Grane and 
Gardner, 1961; Perkins and Johnston, 1963; Pozzi and Blacwell, 1963; Slobod and Howlett, 
1964; Kempers and Hass, 1994; Wood et al., 2004; Landman et al., 2007) 
If displacing and displaced fluids have different density and/or viscosity, instabilities can 
occur. Depending on the direction of the density gradient and viscosity gradients with flow 
direction and gravity, these differences can enhance or suppress mixing. The influence of 
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density and viscosity contrasts on dispersion is of particular relevance to many other 
practical situations apart from oil recovery by VAPEX e.g. in hydrology when modelling 
seawater intmsion into freshwater aquifers where density differences of 3-4% can occur 
(Jiao and Hotlz, 2004). Much larger viscosity (between 10 and 1000) and density (density 
differences of 500 kg m'^  are possible) contrasts are encountered in enhanced oil recovery 
(EOR) processes, particularly in miscible displacements such as CO? (e.g. Holm, 1986; 
Monger et al., 1991). 
\p 
kg/m^ mPa.s 
Stable/ 
Unstable 
Medium Reference 
38 0.056 S Bead pack Grane and Gardner, 1961 
0 5 j # s /u Bead pack Brigham et al., 1961 
0 0 s Sand pack Blackwell, 1962 
0 0 s Plastic-pack Harleman and Rumer, 1963 
0 - 194 1.3 - 1.9 s/u Core Slobod and Howlett, 1964 
0 0.019 s Bead pack Hassinger and von Rosenberg, 1968 
0 0 s Open 
channel Sullivan, 1971 
113 0.02 s Core Baker, 1977 
66 0.1 s Core Kempers and Hass, 1994 
0 0 s Bead pack Matsubayashi et al., 1997 
1.5 0 s Bead pack Guedes de Carvalho and Delgado, 2003 
Table 3.4; Viscosity and density contrasts in literature studies of dispersion and a 
classification as to whether the displacements were stable (S) or unstable (U) 
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In stable displacements, the front remains stable with little solvent penetration of solvent 
into the oil apart from diffusion/dispersion, which results in high oil recovery. In the case of 
unstable displacements, however, instabilities develop between the solvent and oil. Several 
fingers penetrate into the oil in irregular patterns that increase mixing. Since dispersion 
coefficients were measured under stable conditions in this work, comparison with literature 
values is restricted to stable displacements. Column 1 in Table 3.4 reports the absolute 
density difference between the fluids used since this difference is what drives dispersion (see 
discussion on gravity number). 
3.2.1 Density Difference and Gravity Forces 
When two miscible fluids with different densities flow through a porous media, the effect of 
buoyancy forces may be significant. In petroleum engineering, it is may be desirable to 
minimise this effect as in miscible displacements or to maximise it as in heavy oil 
production. Most mixing studies with fluids having a density difference have been 
conducted in a vertical column with favourable or unfavourable density gradients. In the 
former, the more dense, more viscous fluid is placed under the lighter (normally) less 
viscous one and the displacement is always stable if the denser fluid displaces the less dense 
one. If the lighter fluid displaces the denser one then fingers may develop if the rate is high 
and hence an unstable displacement may occur. In both cases, dispersion coefficient is 
inferred from the measurement of concentration as a function of time and using the general 
advection-diffusion equation (ADE): 
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dc dc 9^c 
-—u— = K— 
ot ax ox 
(3.14) 
u: Mean fluid velocity through the porous media (m/s) 
c: Fluid concentration, volume fraction 
K: Dispersion coefficient (m"/s) 
Equation 3.14 is solved for concentration (c) using the well-known solution (i.e. equation 
3.2) to give the "S" shaped curve of the error function integral (Brigham et al., 1961). 
Jiao and Hotzl (2004) carried out several displacement tests with fluid pairs having different 
densities. They controlled the density gradient by changing sodium chloride or glycerine 
concentrations in water. The effluent was measured by electrical monitoring of resistivity. 
The longitudinal dispersion coefficient was determined by performing a least squares fit to 
the measured concentration curves of equation (3.14) in gravity stable and unstable 
conditions. Their simulated results of longitudinal dispersion agreed well with the 
experimentally measured values. They concluded that miscible displacements with 
significant fluid density differences can be satisfactorily described by the classical 
advection-diffusion equation. Figure 3.5 shows how well the simulated concentration curves 
match the measured ones. 
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Figure 3.5: Breakthrough curves of vertically upward stable displacements with large 
variation of density differences (after Jiano and Hotzl, 2004) 
Freytesa et al. (2001) conducted several experiments using Newtonian and non-Newtonian 
fluids with various density gradients. They investigated the influence of gravitational forces 
at different rates (expressed as Peclet numbers). Similarly, they made use of the advection-
diffusion equation to measure the concentration variation curves. They noticed how closely 
experimental data points matched the solution of ADE equation even at low rates where 
gravitational forces are more pronounced as shown in Figure 3.6. 
Other work by Watson and McNeese (1972) was performed to measure the longitudinal 
dispersion of fluids with considerable density differences using the advection-diffusion 
equation. The results of their study compared well with a coiTelation developed by 
Vermeulen et al. (1966) using data from fluid systems where the density differences were 
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one to two orders of magnitude less than that in their study. Figure 3.7 shows the 
remarkable agreement between the two sets of data. 
Pe = 11.5 
0 5 10 20x10' 
Time (s) 
Figure 3.6: Experimental (continuous line) and best fit to equation 3.1 (dotted line) in 
gravitation ally unstable displacement at Peclet No. =15 (after Freytesa et al., 2001) 
0.1 
8 
0.01 • 
8 • 
I I I I — I I I M I 1 1—I I I I — I I M L 1 1—1—I i I I—I r 
.VERMEULEN. MOON,HENNICO, AND MIYAUCHI CORRELATION 
_ A -J-'SOLID CYLINDERS ^ • 0.874 «• 0.SI4 
[U • -Jp' RASCHI6 RINGS f • 0.4 c • 0.68 
A I-" RASCHIG RINGS f * 0.4 f « 0.66 
o y RASCHiG RINGS f "0.4 <> 0.71 
I I 1 I 1 I 1 t I I I _J 1 L_l_l I I I I 1 I 1 1 1 I I I I I I I I 4 6 8 1.0 6 8 10 e 8 IOC 
Figure 3.7: Comparison of longitudinal dispersion coefficients with two orders of 
magnitude density differences (after Vermeulen et al., 1966) 
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There are several other studies that have looked at the subject of density difference 
theoretically and experimentally (Wooding, 1969; Rogerson and Meiburg, 1993) 
Dispersion coefficients are reduced by stable density contrasts and enhanced by unstable 
contrasts. Stable density gradients result in shorter mixing zones (reducing the unevenness 
at the front) and hence reduce the dispersion coefficients. In the unstable flow, however, the 
opposite is tme since the mixing zone is widened by the fluctuations of velocities at the 
front flow. 
The effects of density gradients or gravity forces on dispersion are better explored through 
the use of gravity number, G, which represents the ratio of buoyancy to viscous forces; 
& Ap g 
G= — (3.15) 
u fx 
The gravity number is less pronounced at higher velocities or smaller density differences. 
An example of the impact of gravity number (G) on mixing behaviour is shown in Figure 
3.8. This study was conducted by Menand and Woods (2005) in which a solution of a given 
NaCl concentration was injected, vertically and downward, into a bead pack saturated with 
an aqueous solution of different NaCl concentration. The figure clearly shows how 
dispersion is significantly decreased by gravity. It is noteworthy that even a small difference 
in density such as that between water and brine has detrimental effects on dispersivity. 
Slobod and Howlett (1963) also studied the influence of stable and unstable density 
gradients on dispersion using a 1.22 m core mounted vertically at different mobility ratios. 
91 
From their experiments, they found that effective dispersivity decreases with increasing 
gravity number, although for G < 0.1, gravity had almost no effect on mixing, as shown in 
Figure 3.9. 
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Figure 3.8: Effect of gravity number on longitudinal dispersion coefficients for water 
displacing NaCl solution (after Menand and Woods, 2005) 
Bues and Aachib (1991) found that at P^>1000 (and thus low G), gravity effects on 
dispersion were eliminated. They quantified the effects of density contrast between water 
and brine using an empirical relationship that accounted for fluid and pack properties as well 
as the hydrodynamic parameters in miscible displacements. They proposed using a modified 
Raleigh number {Rm ), as well as a modified gravity number (G ) to determine whether the 
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flow was stable or unstable and also to quantify the effect of gravity on dispersion (Figure 
3.10). The two parameters were defined as: 
Rm* = Pe*\{Ajll 
G* = kg^P 
(3.16) 
(3.17) 
0 
0.01 0.1 
Figure 3.9: Dimensionless effective dispersivity versus gravity number at different mobility 
ratios (M): o,M= 2.275; m,M= 0.47; • , M = 0.347; • , M =0. 437 (after Slobod and 
Hewlett, 1963)) 
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Figure 3.10: Impact of displacement stability on dispersion quantified by the combination of 
modified Raleigh and gravity numbers. Favourable density contrasts reduce Ki (after Bues 
and Aachib, 1991) 
The effect of density gradients on transverse dispersion was studied by Grane and Gardner 
(1961). Their work used a Lucite tube packed with 0.15 cm glass beads. One fluid was 
Soltrol C and the other was Soltrol C + various concentrations of 1 -iodopentane to control 
the density difference between the two fluids. They measured transverse dispersion 
coefficients at a fixed velocity (0.02 cm/s) and found that an increase in the density 
difference decreased dispersion as shown in Figure 3.11. However, they concluded that K j 
would be independent of density provided the density difference was very small (<0.01 
g/cm^). Similar effects were observed by Pozzi and Blackwell (1963), who conducted 
several experiments in models packed with 0.071cm Ottawa sand. 
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Figure 3.11: Effect of increasing density difference on K j (after Grane and Gardner, 1963) 
3.2.2 Viscosity Ratio 
When the displacing and displaced fluids have different viscosities, similar effects may be 
encountered as those with different densities. When the displaced fluid is more mobile than 
the displacing fluid, the displacement is stable and the viscosity ratio is favourable. In this 
case, there will be no fingers and the displacement front is very uniform. Its arrival at the 
outlet is chaiacterised by a shaip increase in the displacing fluid concentration. When 
plotted against time or pore volumes injected (PVI), the concentration will give the well-
known "S" shape, from which the dispersion coefficient can be calculated. A typical shape 
is shown in Figure 3.12. 
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Brigham et al. (1961) computed dispersion coefficients under favourable viscosity ratios 
using two fluid pairs of different mobility ratios. Their work indicated dispersion increases 
as viscosity ratio increases. They found changing the viscosity ratio by 5.7 (from 0.175 to 
0.998) the longitudinal dispersion was also changed by the same factor, although they did 
not have enough data to substantiate a linear relation. 
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0.0 0.2 0.4 0.6 0.8 1.0 1.2 
PVI 
Figure 3.12: Typical "S" shaped curve of favourable displacement 
If the displacing fluid is more mobile (i.e. with lower viscosity), it tends to finger through 
the displaced fluid as a results of pressure instabilities at the front. This is the case usually 
encountered in most petroleum engineering problems such carbon dioxide injection and 
water flooding of heavy oils. Typical floods will show early breakthrough resulting from the 
formation of viscous fingers. The recovery efficiency will be less than that of a favourable 
viscosity ratio. In lab-scale experiments, the variation of displacing fluid concentration with 
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time at the outlet can not be used to determine dispersion coefficients from the advection-
diffusion equation, since the curve no longer follows the theoretical "S" shaped curve of the 
error function. The concentration in this case will vary as a result of concentration gradient, 
viscous fingering, permeability stratification and fluid channelling. Hence, the total 
"mixing" here is a result of these factors and not only the concentration gradient. 
The extent of the instabilities at the front due to the formation of viscous fingering can be 
suppressed or increased when there is a density difference between the fluids. In gravity 
dominated flow such as VAPEX, the buoyancy force of the displacing fluid can offset the 
tendency for fingers to form depending on the linear velocity of flow. The fundamentals of 
vertical displacement stability are based largely on the pioneering works of Hill (1952) and 
Dumore (1964). The work of Hill was based on experiments on vertical displacements of 
sugar liquors by water from columns of granular bone charcoal. Hill defined a critical 
velocity in terms of the viscosities and densities of the two fluids. He showed that the 
interface may be (1) inherently stable, (2) inherently unstable, (3) stable or unstable 
according to the relationship between the actual and the critical velocities. 
Consider Figure 3.13 where a solvent of density and viscosity vertically displacing oil 
of density and viscosity po along the z direction at a velocity u through a medium of 
permeability k. Initially, the interface is smooth and consequently, the pressure at the 
interface (line AB): 
f* = f , = fo (3.18) 
Ps and Po are the pressures in the solvent and oil respectively. 
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Figure 3.13: Schematic of pressure profile for solvent protrusion into the oil region 
(modified after Dumore, 1964) 
At a time t, a depression (line CD) develops due to perturbations in the fluid velocity. If 
pressure on the oil side is higher that on the solvent side (i.e. Po>Ps), the depression will be 
suppressed, however, it will increase in depth if Ps>Po and the interface becomes unstable. 
The interface is neutrally stable if the pressures on both sides of the depression are equal, 
and since (using Darcy's law for immiscible displacement) 
+ ( - ^ + /?,g) Az 
k 
P,=P + ( - ' ^ + P,g) zk k 
(3.19) 
Hill then defined a critical velocity (uc) that would keep the interface horizontal in 
immiscible displacement as: 
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= kg (3.20) 
The work of Dumore (1964) is an extension to that of Hill, and focused on the criteria for 
stable miscible displacements, where a transition zone develops between solvent and oil due 
to diffusion and mixing effects. Consequently, the density and viscosity will vary along the z 
coordinate as a function of solvent concentration (c )^ and thus Darcy's law becomes: 
+ g /)(z) (3.21) 
For a completely stable displacement, dPIdz increases with the increase in the depth of the 
transition zone and thus differentiating equation 3.21 and dividing by gd/j/dz gives; 
1 
dju 
u ^dp (3.22) 
For a positive d^pldz, then dpldp has to be greater than ulkg and thus the displacement is 
stable if the velocity is lower than a characteristic rate defined by: 
-
^ dp ^ (3.23) 
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Assuming the density and logarithm of oil viscosity to change linearly with the solvent 
concentration then; 
= c,/), +(1 - c,)/), (3:!4) 
In // = c. In + (1 - c,) In //„ (3.25) 
Differentiating equations 3.24 and 3.25 and taking the minimum of dpldn gives: 
(3.:26) = 
d/wJmin - In / / , ) 
Substituting this in equation 3.23 gives the stable displacement rate defined as: 
Equations 3.20 and 3.27 respectively give the critical and stable rates, which can be used to 
characterise a gravity-driven miscible displacement. Injection at or below the stable rate will 
ensure the absence of viscous fingers and thus the highest recoveries will be obtained. This 
is evident for example in a number of gas/carbon dioxide (CO?) miscible displacement 
flooding projects where the less dense gas is injected above the oil to displace the oil 
downwards and thus utilises gravity to give more stable displacements and thus higher 
sweep efficiencies. An example is the West Pembina Nisku 'D' Pool in Canada, a pinnacle 
reef carbonate reservoir in which a gravity stable flood was carried with a slug of 80% 
methane + 20% C2+. Flood analysis indicated that the solvent-oil interface was continuously 
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flat across the reef, with residual oil saturation as low as 5% (Da-Sle and Guo, 1990). Many 
other successful gravity stable projects have been implemented worldwide with recoveries 
as high as 95% OOIP (Kulkami and Rao, 2006). 
In miscible displacements where viscous fingers are not completely eliminated, low 
injection rates will give the solvent a long residence time which might be long enough for 
diffusion to damp out the unstable fingers. This is particularly important in VAPEX, where 
the solvent has a much lower viscosity than that of the in situ oil and consequently fingers 
may develop. However, since the lighter solvent is injected above the oil at very low 
injection rates, gravitational forces are usually high enough to suppress fingers. The 
injection rates in the study described in this thesis were carefully selected to ensure gravity 
forces were much higher than viscous forces to give a very stable interface. This is 
particularly important since we assume the displacement of solvent by oil is equal to the 
displacement of oil by solvent. In other words, the longitudinal dispersion coefficient was 
measured using favourable viscosity ratio displacements. 
3.3 Conclusions 
CuiTent analytic models of VAPEX assume that diffusion and convective dispersion of 
solvent into heavy oil are the most important parameters governing the efficiency of the 
process. Therefore an accurate measure of total dispersion is crucial for calculating the rate 
of solvent dissolution in oil and thus oil production rates. Although abundant correlations 
exist in the literature, studies of dispersion have indicated wide deviation in reported 
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dispersion coefficients due to differences in fluid and pack properties as well as degree of 
homogeneity. 
Dispersion values decrease as a result of increasing density difference in stable 
displacements such as that in VAPEX. The high density gradient between solvent and oil in 
addition to the low injection rates used in VAPEX process means viscous fingers may be 
damped out by diffusion and hence mixing is independent of viscosity ratio. Thus it is 
possible to measure longitudinal dispersion coefficients in a stable displacement process, 
while transverse dispersion coefficients account for this ratio through rate dependency. 
One aim of this research is to experimentally measure convective dispersion coefficients for 
a fluid system with a vast difference in density and viscosity using medium of identical 
properties where VAPEX drainage rates are conducted. Therefore, measured dispersion 
values will be considered as independent variables, in which tuning is not required. The 
experimental setup and the selection criteria for the chosen analogue fluid pair and the high 
density and viscosity difference between solvent and oil that mimic actual reservoir fluids 
are explained in the next chapters. 
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CHAPTER FOUR 
EXPERIMENTAL SETUP 
The porous media used for dispersion coefficient measurements and vapour extraction 
(VAPEX) experiments were made using unconsoHdated glass bead packs. This medium 
gives excellent visual observations as well as the opportunity to control wettability when 
required. This chapter details the experimental setup and model designs and properties. 
4.1 Models Design 
Two packs of different dimensions were used; the first for dispersion measurements is 
called hereafter the dispersion model whereas the second used for VAPEX experiments will 
be referred to as the VAPEX model. They are both made from the same materials and 
packed with the same glass beads; however they have different geometries to fulfil the 
puiposes they were used for. Every attempt was made to ensure the packing and thus the 
pack properties were as similar as possible. This was necessary since the dispersion 
coefficients measured in one pack were to be used to calculate the mixing in the other pack 
bearing in mind that dispersion is affected by quality of packing and bead size. 
4.1.1 Dispersion model 
A glass bead pack was chosen as the porous medium because it allowed simple flow 
visualisation techniques to be used and enabled a relatively homogenous sample to be 
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constructed. The linear two dimensional rectangular shaped Perspex box was 26 cm long, 12 
cm wide and 0.99 cm thick. With this thickness, fingering in the third dimension was 
negligible and hence the flow was essentially two-dimensional. This allowed direct 
comparisons with 2D numerical simulations. The Perspex sheets were glued together, 
except for one face which was removable to allow packing of the beads. This face was 
resealed with a rubber gasket and screws. Fluid was injected at one end (inlet) through five 
tubes into the reservoir, which was separated from the pack by a fine mesh screen (to 
prevent bead migration). The reservoir served to distribute the fluid as it entered and to 
smooth out the pressure variations at the inlet. In this model the inlet reservoir was divided 
into two equal channels, with a 2-mm thick separator in the middle. This anangement was 
essential for the measurements of transverse dispersion coefficients, so that the two streams 
start mixing as they entered the pack and not in the reservoir. The other end (outlet) had two 
tubes only. The inlet and outlet ends mimicked a line source injection/production. A 
schematic of the dispersion model is shown in Figure 4.1. 
The model was packed with Ballotini glass beads of grade 11 (212-250 /jva) following the 
method described by Caruana and Dawe (1996). This method produced uniform packing, 
which is necessary since axial and lateral dispersion coefficients are affected by packing and 
porosity variation within the porous medium as quantified by Choudhary et al. (1976) and 
Delmas and Froment (1988). Other studies have also indicated the impact of packing on 
dispersion variation (Roemer et. al, 1962; Gunn and Pryce, 1969, Delgado 2006). The model 
was held vertically and the beads were poured in through a stack of three 600 pm sieves. 
These sieves were 4 cm apart and the lowest was 10 cm above the top of the model. This 
procedure avoided layering and ensured a uniform packing as the sieves served to reduce the 
velocity of the falling beads. The process continued until the beads intake was negligible, 
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after which the model was placed on a vibrating table for 40 seconds in order to pack down 
the beads. More beads were added until the pack was full. Finally, the beads were 
compacted further by tapping the pack with a rubber hummer. This procedure resulted in a 
pack with minimum permeability inhomogeneity. 
26 cm 
Plan view 
12 cm 
H 
G 
c A 
Cross sectional view 
A Packing Space 
B Walls 
C Inlet/Outlet Reservoir 
D Mesh Screen 
E Gasket 
F Screws 
G Inlet/Outlet Tube 
H Inlet/Outlet face 
Figure 4.1: A schematic diagram of the dispersion model 
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The homogeneity of the medium was carefully checked by performing a unit viscosity ratio 
miscible displacement (dyed water displacing clear water) through the pack and ensuring 
that the displacement front remained linear. Details of pack and experimental conditions are 
listed in Table 4.1. 
Dispersion VAPEX 
Height, cm 30 + 0.05 26 + 0.05 
Width, cm 15 ±0.05 12 + 0.05 
Depth, cm 0.5 ± 0.05 0.99 + 0.05 
Total Cavity, cm^ 122.6 + 3 
Porosity, % 40 + 0.5 39.7+0.5 
Permeability, D 433 + 3 433 + 3 
Table 4.1: Properties of physical models employed for dispersion and VAPEX experiments 
4.1.2 VAPEX Model 
The VAPEX experiments used a Perspex box which internally measured 30 cm high, 15 cm 
wide and 0.5 cm thick. The transparent front face of the model allowed us to monitor the 
shape of the swept zone (solvent chamber) and to video record the position of the solvent-oil 
interface during VAPEX runs. Injection and production ports were located at the middle and 
bottom of 30 cm and 15 cm vertical sides of the model to represent a section of an upper 
horizontal injector and a lower horizontal producer. This configuration mimics a 2D vertical 
cross-section of a reservoir undergoing VAPEX as schematically shown in Figure 4.2. This 
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novel design of the pack made it suitable for studying the initial phases of the process 
(rising solvent chamber) as well as the spreading phase of chamber, without having to 
construct two different models, where changes in dimension, packing, bead size and bead 
orientation might have made comparison difficult. Furthermore, the presence of injection 
and production ports on the shorter side enabled us to investigate the height dependency on 
oil drainage rate when the model was rotated by 90 degrees. 
15 cm 
< • 
Iniection 
— • 
0 
Production 
<— 
30 cm 
Figure 4.2: A schematic of the VAPEX model, showing injection and production ports on 
longer and shorter sides of the pack 
The thickness of both packs was determined by the requirement that the flow be two 
dimensional, so that in due course experimental results could be compared directly with 
numerical simulation. 
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4.2 Experimental Setup 
A constant injection pump (ISCO) was used for all experiments (dispersion and VAPEX). 
The pump has the capacity to deliver up to 200 ml/min, and as low as 0.0001 ml/min. 
Initially, the pump was calibrated to assess its accuracy and found to be accurate to over 
99.9%. The fluids were delivered from the pump to the models through a pipe network. 
Before commencing fluid injection, the air was displaced by injecting CO? into the pack for 
about one hour. Water was then injected with the outlet face level raised above that of the 
inlet to minimise trapping of CO?. Any remaining bubbles of CO? would then dissolve in 
the water thus ensuring no gas bubbles were left inside. In VAPEX experiments, glycerol 
was then injected at very low rates, such that it took 2-3 days to get the pack fully saturated. 
This procedure was necessary to avoid damaging the pack since high injection pressures 
may create high permeability channels or voids at the inlet face. 
All experiments were conducted at constant injection rate, and produced at constant pressure 
by keeping the outlet open to atmosphere. Note that these experiments did not include initial 
water saturation as water is miscible with glycerol and we were focussing primarily on the 
mixing of the solvent and the oil. 
In dispersion measurements and before conducting a displacement, the outlet valve was 
closed while flushing the inlet reservoir. Then the outlet reservoir was opened and the 
displacement started. This procedure ensured full-channel utilisation (i.e. displacing fluid 
entered through the full cross-section) and a uniform pressure across the inlet. A light box 
(illuminator) was sometimes placed under the pack to give better image quality for 
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comparison purposes (in dispersion experiments) or to map out the moving interface (in 
VAPEX runs), which were video recorded. A schematic of the experimental setup is shown 
in Figure 4.3. 
Illuminator 
Constant 
Injection 
rate 
Inlet Valve 
Video 
Camera 
To VCR & 
Monitor 
Outlet Valve 
Effluent 
analysis by 
RI 
Figure 4.3: A schematic diagram of the experimental setup 
At the end of each experiment, the pack was flushed with several pore volumes of distilled 
water and then with 2 pore volumes of ethanol. It was then completely dried for the next 
experiment. This procedure ensured that the pack was clean with no traces from previous 
experiments. Some experiments were repeated to check reproducibility, which was around ± 
5%. 
4.3 Quantitative Observations 
In all experiments, ethanol was dyed with Waxolene Blue AP-FW oil soluble dye (0.01 wt. 
%) to allow visual observations (soluble in ethanol). With a clear contrast between the two 
fluids, the moving interface could be easily traced. Because the dye may get deposited on 
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the beads, it was necessary to wash the pack with O.IM HCl (higher concentrations may 
damage the Perspex and copper mesh). In some experiments, ethanol was dyed with small 
concentrations of Methylene blue. Although the removal of this dye could be very difficult if 
used at high concentrations, this problem was eliminated in the experiments performed since 
the dye was used for short times only and the pack was immediately flushed with diluted 
HCl. 
4.4 Effluent Analysis 
In a typical experiment, the displacing fluid e.g. ethanol was injected into the pack at a 
constant rate. Effluent samples from dispersion and VAPEX experiments were collected at 
regular time intervals in 12 or 20 ml containers. These samples were analysed using the 
refractive index (RI) method at the same temperature as that of the lab (20 °C ± 0.5). A 
calibration curve relating RI with ethanol concentration was prepared from known volumes 
of ethanol (see Chapter 6). From this curve it was possible to determine the solvent and oil 
concentrations in the effluent to a very high accuracy with uncertainty estimated to be ± 
0.2%. In experiments involving water and brine, the conductivity method was used to 
analyse the effluent. 
4.5 Porous Media Characteristics 
4.5.1 Porosity 
The porosities of the dispersion and VAPEX models were determined by the method of 
weighing. In this method, the model was weighed before and after being fully saturated with 
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a fluid of known density, namely ethanol or water. During the course of experiments, 
porosities of both packs were checked regularly in case they had changed from the initial 
values. It was found that they remained constant to within the experimental error. 
Corrections were made for the inlet and outlet dead volumes. Knowing the volume of 
saturation fluid (e.g. ethanol), porosity was then calculated as follows: 
(j); Porosity, fraction (vol. %) 
Ve- Pore volume of the pack full with ethanol, m^ 
= (wt. of model with ethanol- wt. of unsaturated model)/ density of ethanol 
Vb'. Bulk volume of pack = beads volume + pore volume, m^ 
= Length x width x thickness 
With this method, the porosity of the dispersion model was determined as 39.7% ± 0.5%, 
and a pore volume of 122.6 ± 3 cm"\ A similar procedure was used for VAPEX model, and 
its porosity was found to be 40% ± 0.5% with a pore volume of 90 ± 2cm^. The two 
porosities were almost identical. 
4.5,2 Absolute Permeability 
The absolute permeability was deteimined from the pressure drop across the pack at 
constant flow rates using Darcy's law. The model was fully saturated with water; and then it 
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was displaced with water at different injection rates while monitoring the pressure drop 
across the pack (i.e. inlet and outlet). Since a single-phase was present, the absolute 
permeability could be computed from: 
k = -slope X (4.2) 
/v: viscosity of water (measured as 10"^  Pa.s) 
L: length of the pack, m 
A: cross-section area of the pack, m^ 
Figure 4.2 shows the relation between the pressure drop and injection rate. For the 
dispersion model, a value of 43.3 ± 3 Darcy was found. This values compares well with a 
value of 49.9 Darcy predicted from the Ergun (1952) modification of the Carman-Kozeny 
equation.(Kozeny, 1927; Carman, 1937, 1939) 
Since the VAPEX model does not mimic a line drive (but rather a point source), the 
pressure drop across the model could not be adequately measured (as only two points were 
exposed to atmospheric pressure and not the full face). However, since the same bead size 
range was used and a similar packing procedure was followed in this pack, the VAPEX 
model permeability can be safely assumed to be that of the dispersion model. It was 
necessary to use the same beads as those used for dispersion experiments so that the 
measured dispersion coefficients could be used directly in the VAPEX calculations for oil 
rate and in simulations of the experiments. This was very important as almost all studies of 
dispersion have shown dispersion coefficient dependency on size (and shape) of beads used 
(see Chapter 2). 
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E 0.15 
0.004 0.008 
dP, atm 
0.012 0.016 
Figure 4.4: Pressure drop data for the dispersion model (error: ± 7 %) 
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CHAPTER FIVE 
FLUID PROPERTIES 
5.1 Selection of the Analogue Fluid System 
Vapour Extraction is a process utilising low molecular weight hydrocarbon solvents, such as 
propane and butane, to reduce the naturally high viscosity of heavy oil and bitumen. These 
solvents are much lighter and more mobile than oil. Hence, any analogue fluid system needs 
to also exhibit these properties. After a careful selection process, ethanol and glycerol were 
chosen to represent the solvent and oil respectively. Although the solvent is not gaseous but 
rather a liquid at operating conditions, the term vapour extraction (or VAPEX) will be 
loosely used throughout this work (using a liquid-liquid system is usually called liquid 
extraction). In fact, the development of VAPEX process originated from the work of Butler 
and Mokrys using a liquid-liquid system of toluene and Athabasca bitumen. 
This simple analogue fluid system will provide the following advantages: 
• Considerable density and viscosity contrast: At operating conditions of 20 °C and 
atmospheric pressure, the density contrast is 470 kg/m^, which is comparable to a 
typical density contrast of 500-600 kg m in a crude-oil-propane/butane fluid system 
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used for VAPEX. The viscosity ratio is in excess of 1100 which is also 
representative of a typical VAPEX system. 
Easy to characterise: both "oil" and "solvent" are single components, with well-
known properties and hence there is no need to use pseudo-components and perform 
cumbersome (and potentially inaccurate) equation of state (EOS) tuning. The 
composition and phase behaviour of multi-component hydrocarbons are generally 
poorly characterised. 
No preferential solubility components: heavy oils are made up of a large number of 
components. When low molecular weight solvents such as ethane or propane are 
used, they usually dissolve preferentially in the lighter fraction of oil. Hence direct 
comparisons of vapour-oil mixing for oils with appreciable composition differences 
may not be straightforward. 
Safe and cheap: both fluids are relatively safe to use and also they are cheap. 
Easy dispersion measurements: dispersion coefficients can be easily measured with a 
liquid-liquid system and a direct comparison with literature data is also possible. 
Miscibility: because glycerol and ethanol are first contact miscible fluids, this means 
there is no interfacial tension or capillary forces at the interface. Hence, all 
mechanisms contributing to increased mixing apart from convective dispersion were 
eliminated in our experiments. 
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5.2 Fluid Properties 
In this study, twenty different mixtures of ethanol + glycerol were prepared and used to 
study the effects of increasing the solvent concentration on oil (glycerol). Those mixtures 
ranged from pure glycerol to pure ethanol with intermediate mixtures having an increasing 
ethanol concentration. The experimental measurements of density, viscosity, refractive 
index and surface tension are described below. From this data, it was possible to calculate 
the dimensionless parameter Ns, which in turn was used to calculate the theoretical drainage 
rates using Butler's model. 
The chemicals used in these experiments were ethanol (CH3-CH2OH) and glycerol (CH2OH-
CH2-CH2OH), supplied by VWR International with stated purities of 99.99% and 99.75% 
(by volume) respectively. With the high purities of these analytical-grade chemicals, they 
were used without further purification. In addition, the purities were checked by determining 
fluid properties such as density (p) and refractive index (No), which were in very good 
agreement with values found in the literature, as shown in Table 5.1. 
All measurements were conducted with a laboratory temperature of 20 ± 0.5 °C and at 
atmospheric pressure. The temperature was kept constant through the use of a water bath 
with an uncertainty of ± 0.1 °C. To ensure high accuracy in determining sample volumes, 
the mixtures were prepared by mass using a Mettler PM460 DeltaRange balance with an 
uncertainty of ± 0.001 g. However, the reported properties are given in terms of volume 
fraction. 
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Property 
Ethanol Glycerol 
Exp. Literature Exp. Literature 
789.9 789.9 1261.5 1261.3 
/i/mPa.s 1.2 1.2 1390 1412 
<T/mN.m"^  22.2 22.2 63.1 63.3 
No 1.3618 1.3616 1.4740 1.4740 
Table 5.1: Properties of ethanol and glycerol at 20 °C and comparison with literature 
5.2.1 Densities 
The density of each mixture was measured with DMA60 density meter, with an accuracy of 
± 0.01 kg.m"^. The unit has a measurement cell comprising a glass U tube inside a 
thermostated jacket. It typically holds about 0.7 ml of sample. A refrigerated bath (Techne 
RB-12) was used to circulate water and to keep the temperature constant. The estimated 
uncertainty in the density measurement including possible variations in temperature of ± 0.1 
°Cis±OU'%. 
The basic principle of these measurements was to fill the U-tube with the desired sample and 
then measure the resonant frequency (/) which depends upon the sample's density (p) (more 
details are in the DMA Instruction Manual; Anton Paar, Graz, Austria). These frequencies 
were then converted to densities using the following expression; 
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P = i K i - ^ ) + p„ (5.1) 
where is the resonant frequency of the U-tube when filled with pure water (Hz), AT is a 
temperature-dependant constant and is the density of pure water (kg m'^) at 20 °C. 
The density meter was initially calibrated with water and dry air. After each measurement, 
the U-tube cell was cleaned with 5 mL ethanol. Then dry air was passed through cell to 
evaporate any remaining liquid. This process continued until the / value shown was that of 
dry air (obtained earlier from initial calibration). Each measurement was repeated at least 
twice to check reproducibility. 
As shown on Figure 5.1, the density of the ethanol-glycerol mixture decreased smoothly as 
the ethanol concentration is increased. This effect is instantaneous i.e. the mixture density 
started to reduce even at very low ethanol concentrations. 
The mixture density can be estimated using the fitted curve shown in Figure 5.1 with a 
correlation coefficient {R )^ better than 0.999. This is a polynomial of the form: 
= -0.00741X (E)" - 3.971X (E) -H 266.046 (5.2) 
where (E) is the volume % of ethanol in the mixture. All density measurements are 
presented in Table 5.2. Measured densities of pure ethanol and pure glycerol agree within ± 
0.1 % of those reported by supplier (Table 5.1). 
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Figure 5.1; Mixture density (p) as a function of ethanol concentration at 20 °C and 
atmospheric pressure (error: ± 0.5 %): • , experimental points; —, equation 5.2. 
5.2.2 Viscosity 
The viscosity of each sample was measured using a U-tube (Cannon-Ubbelohde) viscometer 
immersed in a water bath at a temperature of 20 °C, which was kept constant by using a 
refrigerator (Townson and Mercer Ltd.). A total of nine different viscometers of different 
capillary sizes were used to cover the whole range of mixture viscosities, ranging from 1.2 
mPa,s for ethanol to 1390 mPa.s for glycerol. Each U-tube has a specific constant (C) 
associated with the size of its capillary. The time (t) required for fluid to flow through the 
capillary between two pre-determined lines was measured. The kinematic viscosity (rj) was 
then calculated using: 
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% = (53 ) 
The viscometers were filled with 15 mL of the test sample for each measurement. These 
viscometers were calibrated with water (with values taken from standard tables and the 
density determined by densitometer as described earlier) and the Cannon certified viscosity 
standard mineral oil (100 %) with a density of 862.8 kg.m"'^ . On average, its measured 
viscosity of 9.4 mPa.s agrees reasonably well with the stated viscosity of 9.3 mPa.s at 20 °C. 
The dynamic viscosity /j (mPa.s) of each sample was simply calculated by multiplying its 
kinematic viscosity by density (measured earlier). Each measurement was repeated at least 
four times to estimate accuracy, which was within ±0.1 %. 
Figure 5.2 shows how the viscosity of ethanol-glycerol mixtures varies as ethanol 
concentration increases. It is evident that ethanol has a dramatic effect on reducing the 
viscosity of glycerol. On the same figure is also the best fit equation for data with = 
0.998, which is an exponential of the form: 
/ / = 1200.5xg-°°'^°^^ (5.4) 
where ju is in (mPa.s). Viscosity measurements for all mixtures can be found in Table 5.2. 
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Figure 5.2: Mixture viscosity {rf) as a function of ethanol concentration at 20 °C and 
atmospheric pressure (error: ± 0.5 %): •, experimental points; —, equation 5.4. 
5.2.3 Surface Tension 
The surface tensions of the twenty samples were measured using the du Noiiy ring method 
on a Kriiss KIO (Hamburg) automatic tensiometer with an accuracy of + 0.1 mN.m"'. The 
platinum ring was thoroughly cleaned and flame-dried prior to each measurement. Each 
value reported here was an average of at least three measurements, the reproducibility on the 
same sample was within 0.5 %. The ring method was chosen because it is suitable for 
liquid-liquid surface tension measurements and gives an extremely accurate and easily 
reproducible measurement. 
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Figure 5.3: Mixture surface tension (a) as a function of ethanol concentration at 20 °C and 
atmospheric pressure (eiTor: ± 0.5 %) 
Measured values of surface tensions are reported in Table 5.2 and graphically in Figure 5.3 
with the best fit curve of the form: 
a/(mN.m"') = 9xlO"'(£)^ - 0 . 0 0 0 3 ( £ f +0.031 -1 .7126(£) +62 .83 (5.4) 
Equation 5.4 has a correlation coefficient (R^) of 0.998 
5.2.4 Refractive Index 
The refractive index of all the twenty mixtures was measured. The RI measurements were 
obtained from a Bellingham and Stanley Abbe Refractometer, model 60/ED using the 
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Sodium D1 line, precise to 0.0002. The prism surface was initially cleaned with ethanol and 
a lens wiper to remove any dirt, stains or air bubbles. Then, the refractive index of distilled 
water was measured to calibrate the instrument. It was found to be 1.333 ± 0.005, which 
agrees well with the value reported in the literature (Hack and Winkle, 1954; Frej et al., 
1998) at 20 °C. All measurements were made at atmospheric pressure and 20 "C. The 
temperature was kept constant to within + 0.1 °C through the use of a water bath (Techne 
RB-12). The measured refractive angle (i.e. scale reading) was converted to refractive index 
Nd using the following expression (supplied with the manual): 
= sin(or)x-J(Np)^ -s'm^- j3) + c o s ( a ) x s i n ( ( ^ ( 5 . 5 ) 
where:-
(j) = Scale reading in degrees 
a = 68.000° 
P = 38.000° 
Np - Index of the prism glass used i.e. 1.76142 for the Sodium D1 (yellow) with 
wavelength = 589.6 nm. 
Each refractive index measurement was repeated at least three times and then averaged, with 
a repeatability of within 0.1 %. Values of refractive indices are given in Table 5.2 and 
plotted in Figure 5.4. The figure also shows the best fit for the data, which has the form: 
Ng =6xlO-^x(E)^-4x lO-"x(E)^-8x lO" 'x (E) + 1.4742 (5.6) 
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Equation 5.6 has a correlation coefficient of 0.999 and an estimated uncertainty of 0.2%. 
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Figure 5.4: Mixture refractive index (No) as a function of ethanol concentration at 20 °C and 
atmospheric pressure (enor: ± 0.5 %): • , experiment points; —, equation 5.6. 
5.3 Discuss ions and Conc lus ions 
The measured properties are given in Table 5.2. The results show a decrease in the 
magnitude of the mixture's refractive index and surface tension with an increase of ethanol 
concentration in the mixture. 
Table 5.2 and Figures 5.1 and 5.2 show the effect of adding ethanol to glycerol on the 
mixture's density and viscosity. For example, 10 vol. % of ethanol decreases the relative 
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density of glycerol by about 3 % but more importantly decreases its viscosity by about 55 %. 
This reduction in viscosity resembles what happens during the vapour extraction (VAPEX). 
Thus, ethanol and glycerol are convenient analogue fluids to investigate this mass transfer 
without the complexity of heavy oil characterization and cumbersome lumping of its 
fractions. 
Ethanol p ju a 
Vol. % kg.m"^ niPa.s mN.m"^ Nd 
0.00 1261.51 1390 63J 1.4740 
&83 1233.48 80a5 520 L4680 
10.02 12203 627^ 4&8 1.4660 
14.60 1201.19 450 410 L4619 
16.98 1191.35 385J 41.7 1.4592 
2a03 1178.37 270 39^ 1.4562 
23.62 1162.98 22^5 35^ L4528 
30J9 1134J 141.4 312 1.4470 
36.08 1108.32 SOJ 29J 1.4392 
42^7 1077.53 54 2&5 1.4326 
49^0 1047.03 31.5 27.1 1.4253 
55X)1 1020.27 203 25.1 1.4179 
6&04 995^6 16.7 243 1.4131 
70.04 94&41 9.1 215 1.4016 
7&00 91&05 5.2 215 1.3934 
80IG 895^3 4.1 210 13885 
85J6 86&79 3 2Z5 1.3815 
9Z04 83289 1.9 2Z4 1.3727 
95im 81&85 1.5 223 13681 
100.00 789.91 1.2 222 1.3618 
Table 5.2: Measured densities, viscosities, surface tensions and refractive indices of ethanol 
+ glycerol 
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CHAPTER SIX 
MEASUREMENTS OF DISPERSION COEFFICIENTS 
The importance of dispersion coefficients in vapour extraction (VAPEX) has been discussed 
already. This chapter details the experimental setup used to measure the dispersion 
coefficients for our analogue fluid system and resulting data. Dispersion coefficients were 
measured in the direction parallel to and transverse to the direction of flow over a wide 
range of rates using fluid pairs with variable viscosity ratios. The pack was mounted 
horizontally and vertically to examine the effects of density on dispersion. The data are 
presented by plotting the dispersion coefficient as a function of velocity or Peclet number. 
6.1 Fluid Propert ies 
Longitudinal and transverse dispersion coefficients were measured using a total of three 
different fluid pairs; namely ethanol-glycerol, water-brine and ethanol-glycerol solution. 
Their properties are given in Table 6.1. Table 6.2 summarises the experiments performed 
and the fluid pairs used in those experiments. The glycerol solution was made from 93 wt. 
% water + 7 wt. % glycerol. This was necessary to match the viscosity of ethanol, while at 
the same time it gives an appreciable density difference (Ap = 230 kg/m^). The brine was 
made by dissolving 26 grams of sodium chloride (NaCl) in 1 litre of distilled water giving a 
salt concentration of 2.5 wt. %. With this low concentration, brine was assumed to have the 
same viscosity as that of water, hi some experiments, brine with only 13, 7.15 or 3 grams 
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NaCl was used; however, the results were almost identical to those using the 26 grams NaCl 
brine. All displacements were performed under gravity stable and favourable viscosity 
conditions with the displacing fluid being the more dense and/or more viscous as indicated 
in Table 6.2 as these are the conditions found in VAPEX. The coefficients of molecular 
diffusion (D,„) given in Table 6.2 for the aqueous solution (i.e. water diffusing into brine) 
and for ethanol diffusing into glycerol were taken from Stoues (1950) and Tominaga and 
Matsumoto (1990) respectively. For the ethanol-glycerol solution diffusing into water, D,„ 
was estimated using the Wilke-Chang (1955) correlation: 
7 .4xio-^( jmg)°^ r 
D... = • 
0.6 ( & 1 ) 
Mb: Molecular weight of solvent B, g/mol 
T: Temperature, K 
Va: Molar volume of solute A at its normal boiling temperature, cm^/mol 
/jb- Viscosity of solvent, mPa.s 
Q: Association factor of solvent, dimensionless 
Value Ethanol Glycerol Water Brine Glycerol solution 
p (kg/m^) ± 0.01 790 1260 998 1014 1015 
H (mPa.s) ± 1% 0.0012 1.39 0.001 0.001 (10012 
D,;,(xlO-'°m^/s) 6 14 8* 
with ethanol 
Table 6.1: Properties of fluids used for the measurement of dispersion coefficients 
127 
Purpose of experiment Pack 
orientation Fluid pair 
Kl, no viscosity contrast, 
negligible density contrast Horizontal Brine displacing water 
Kl, viscosity contrast, 
density contrast 
Horizontal 
Vertical 
Glycerol displacing ethanol 
Kt, no viscosity contrast, 
negligible density contrast Horizontal Brine flowing parallel to water 
Kt, viscosity contrast, 
density contrast 
Horizontal 
Vertical 
Ethanol flowing parallel to and above glycerol 
solution 
Table 6.2: Experiments performed in terms of pack orientation, fluid pairs used and 
dispersion coefficients measured 
The effluent concentration for the ethanol-glycerol-water fluid system was measured by 
means of the refractive index (RI) method as discussed previously. The volumetric 
concentration of ethanol in glycerol solution was computed from density measurements 
since RI does not change appreciably in the range of concentrations studied. A calibration 
curve was prepared from several samples with known volumes of each fluid. The density of 
each mixture was measured with an Anton Paar DMA60/602 density meter, calibrated with 
water and air. All measurements were made at atmospheric pressure and 20 "C. The 
dependency of density on ethanol concentration is shown in Figure 6.1 with the best fit 
curve (R' = 0.9994) of the form: 
/ ) = - 0 . 1 2 2 9 x c ^ - 0 . 0 9 6 X C + 1 . 0 1 2 8 (6.2) 
In the equation above, density (p) is in g/cm^ and (c) is volume fraction of ethanol. 
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1.10 
0.70 
0.0 0.2 0.4 0.6 0.8 
Ethanol volume fraction, c 
1.0 
Figure 6.1; Dependency of glycerol-water-solution density on ethanol concentration used to 
determine the concentration of ethanol in the effluent from flow experiments (enor: ± 0.1 
%) 
For the water-brine fluid system, effluent concentration was determined from the sample 
resistivity. The calibration curve of the 26g NaCl brine used for this purpose is given in 
Figure 6.2, which also shows the best fit for measured data (R^ = 0.9999); 
G = 45.94xc„ -0 .0495 (6.3) 
The conductivity (G) is measured in mS/m and (c*) is volume fraction of brine in the 
sample. The calibration curves of brine with other concentrations of NaCl are a fraction of 
that in Figure 6.2. 
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Figure 6.2; Relationship between conductivity and brine concentration used to detemiine 
the concentration of brine in the effluent from flow experiments (error: ± 1 %) 
6.2 Transverse Dispersion, Kt 
Transverse dispersion experiments were performed at different orientations and using 
different fluid pairs (see Table 6.2) and at different rates in order to investigate the 
dependency of transverse dispersion on viscosity and density contrast as a function of Peclet 
number. As schematically illustrated in Figure 6.3(i), the model was held vertical on its 
thickness to maximise gravity effects on dispersion. This configuration was used to measure 
transverse dispersion coefficients under the influence of gravity {Kt,g)- These measured 
values are expected to resemble mixing between solvent and oil in VAPEX and will 
therefore be used in the Butler-Mokrys model in place of molecular diffusivity. With this 
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configuration, the fluid pair used was ethanol + glycerol solution. For the gravity stable 
displacements glycerol solution was always injected into the bottom half of the pack since it 
is heavier than ethanol. In the second configuration, the pack was laid horizontal (Figure 6.3 
(ii)) to remove the effect of gravity on mixing due to the density contrast cross the interface. 
In these experiments, two fluid systems of matched viscosity were used; the first was 
ethanol-glycerol solution with equal viscosities of 1.2 mPa.s, while the other was water + 
brine with viscosity of 1 mPa.s. The range of interstitial velocities (or Peclet numbers) 
examined (7^=1-1050) was broad enough to cover the regions where diffusion and 
advection dominate dispersion, which enabled comparison with literature values. 
(i) 
Fluid 
1 
Fluid 
2 
-> X 
Porous medium Mixing zone 
(ii) 
Gravity 
Pump 
2 
Sampling at 
steady state 
C > Flow direction 
/ / 
Gravity 
Figure 6.3; Schematic of the measurement of transverse dispersion coefficient, (i) 
under gravity (ii) horizontal 
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6.2.1 Measurement of Transverse Dispersion 
Transverse dispersion coefficients were measured using the experimental technique first 
described by Hiby (1962) and Blackwell (1962). The two miscible fluids are simultaneously 
injected, side by side into the model as illustrated in Figure 6.4. The concentration profile of 
the solute in the effluent is evaluated to determine the steady-state transverse dispersion 
coefficient. 
Fluid 1 
Fluid 2 
Mixed 
Zone 
Figure 6.4: A schematic of simultaneous injection of two miscible fluids side by side into 
the pack for the measurements of transverse dispersion coefficients 
As described previously in Chapter 4, the inlet and outlet reservoirs of the pack were divided 
into two channels allowing simultaneous injection of solute and solvent at different constant 
rates (during any one experiment). In a typical experiment, the pack was initially saturated 
with the more mobile and/or lighter fluid to prevent the formation of unstable fingers when 
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the other fluid gets injected. While flowing, the second fluid was injected parallel to the first 
one. To improve visual observations, water and ethanol were respectively dyed with 
Waxolene and Methylene blue. The dye concentration was kept as low as possible to prevent 
dye deposition on the pack. Shortly after the start of each experiment, a mixing zone across 
the interface started to form. The two fluids were injected into the pack at the same seepage 
velocity in the longitudinal direction to equalise the pressure drop across the two streams 
and thus eliminate pressure-driven dispersion. Once steady state had been achieved the 
concentrations of solvent and solute in the effluent from each outlet reservoir were measured 
using the density or electrical conductivity methods depending on the fluid pair. 
Two approaches are commonly used for the interpretation of transverse dispersion 
coefficient from the concentration profile at the outlet; namely that of Perkins and Johnston 
(1963) or that by Blackwell (1962). In the first approach, the steady state concentration 
profile of the solute (e.g. NaCl or ethanol in this work) is measured at the outlet at different 
positions across the outlet and then plotted on arithmetic probability paper (APP) as a 
function of distance front the 50 percent composition line. An error-function solution to the 
dispersion equation is used to determine the transverse dispersion coefficient from the 
experimental profile using: 
JCr == ^L(:5xL__:EuL)2 (6,*) 
f 1 3.625 
L; Distance from inlet, m 
x: Transverse distance from the 50% composition line, m 
u : Average interstitial velocity through the porous medium, m/s 
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In the second approach, which was adapted for this work, transverse dispersion coefficients 
were measured using the method developed by Blackwell for equal viscosity streams i.e. 
M=\. The full derivation can be found in appendix A. Although the actual fluids used in 
VAPEX have a large contrast in viscosity (M>1000), the measurement of dispersion for an 
equal viscosity fluid pair (such as water + brine) is still valid for the VAPEX fluid system. 
A novel work by Jones (1989) for the measurement of transverse dispersion between 
unequal viscosity streams found that the latter can be characterised by the same constant of 
proportionality between K j and velocity (m) as found in the unit mobility ratio experiments. 
Therefore, transverse dispersion coefficients for ethanol-glycerol fluid pair (as encountered 
during VAPEX) were determined from water-brine and ethanol-glycerol solution fluid pair 
experiments. The use of these two fluid pairs was much easier than using ethanol + glycerol 
due to the adverse mobility ratio (M) which would have required ethanol to be injected at M 
times the injection rate of glycerol i.e. if glycerol was injected at velocity u, then ethanol 
would be injected at 1390xh, which would have been impractical. 
6.2.1.1 Water-Brine Experiments 
6.2.1.1.1 Horizontal Configuration 
In these experiments, the quantity of the analytical grade (99.99%) NaCl added was 
satisfactory for conductivity measurements, while at the same time minimised viscosity and 
density differences. The brine had the same viscosity and almost the same density as that of 
distilled water. The prime objective of using this fluid pair was to find the constant of 
proportionality between transverse dispersion coefficients and velocity. Furthermore, it was 
possible to determine if transverse dispersion is independent of viscosity if data from the 
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other fluid system (i.e. ethanol-glycerol solution) plotted on the same curve as that of water-
brine. 
Prior to beginning a run, the pack was flushed with COi for an hour to evacuate the air and 
then it was saturated with distilled water. This was done by holding the pack vertical while 
water was injected into the bottom of the pack. This method ensured CO2 was stably 
displaced by the water due to the effects of gravity. Any trapped CO? would dissolve in the 
water. Once fully saturated, the pack was laid horizontal. An aluminium alloy level was 
used to ensure the pack was perfectly flat on all sides, and thus eliminated any pressure-
induced dispersion. Finally, water (dyed with Waxolene Blue) and brine were injected 
simultaneously into the pack at equal rates (because they have the same viscosity, equal 
injection rates are necessary so that the inter-stream pressure drop was zero). At the effluent 
end, equal production rates were also maintained. Separate conductivity measurements were 
made frequently on the effluent streams. When a constant value of conductivity was 
observed (usually after around 1.5 to 2.0 pore volumes of injection), stabilised steady state 
conditions were assumed. For extra assurance, samples were taken and analysed until more 
than 3 PV had been injected. The steady state conductivity measurement was used to 
calculate the sodium chloride concentrations in the two streams. The transverse dispersion 
coefficient was then determined from the curve (of F vs. Kj.u), as discussed in the appendix. 
The fractional concentration (F) of NaCl in the effluent was used to find the product of Kt.u 
from the curve. Transverse dispersion coefficient {Kj) was then obtained by dividing Kj-u 
by M, the average interstitial velocity of fluids in the pack calculated from: 
w =-^^- (6.5) 
Acj) 
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Q\ Flow rate, mVs 
A: Area of the pack, m" 
^ : Porosity, fraction 
A typical example of the dispersed zone is shown in Figure 6.5 for the 2 ml/min run (or 
Peclet number = 23.7). The 50 percent composition line is drawn in the figure to show the 
widening of the interface at the outlet on the right hand side. 
The interstitial velocities investigated with water-brine fluid system ranged from 0.565x10'^ 
to 286.3x10"^ cm/s, which correspond to Peclet numbers between 0.95 and 480. The lowest 
rate was chosen to show the range at which mixing is solely dominated by diffusion while 
the highest rate is when transverse dispersion is fluid mechanical and controlled by 
convective dispersion. 
Water—• 
50% composition 
B r i n e — • line 
Figure 6.5: Transverse dispersion profile in water + brine experiment at Pg = 23.7, which 
show how dispersive zone widens to the right hand side 
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The measured transverse dispersion coefficients (Kt) are plotted in Figure 6.6 against 
interstitial velocity (a). In the same figure, other data of water-brine Kt obtained by Grane 
and Gardner (1961) and Harleman and Rumer (1963) are also shown for comparison 
purposes. As the figure shows, the results of this study are in very good agreement with 
those of other workers. Furthermore, the results suggest that transverse dispersion is 
independent of fluid density since Grane and Gardner used fluids with different densities 
from those used in this study. It is clear that at low velocities (<10'^ cm/s), Kt values start to 
level off, while at high velocities (>10 " cm/s) dispersion coefficients increase almost 
linearly with velocity. 
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•3 . . 10 
w 
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10 5 . . 
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o This work 
• Grane and Gardner 
A Harleman and Rumer 
O O o 
OA' A A 
A 
A 
O 
• 
o 
o o o 
• 
10 -3 10^ 
Velocity, cm/s 
10^ 10" 
Figure 6.6; Comparison between measured water + brine transverse dispersion coefficients 
with values from literature (error: ± 5 %) 
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The effect of velocity on transverse dispersion is best seen if data are plotted on a normal 
scale as in Figure 6.7, which also enables the computation of the constant of proportionality 
between Kt and u. From the figure, the best straight line fit through the origin gives: 
K j = 0.00341 Ixm (6.6) 
12 
10 
8 
(A 
"e 
T-% 
4 
o Data Points 
- - - - Eq. 6.6 
10 15 20 25 30 
Velocity %10 ,^ cm/s 
35 
Figure 6.7: Velocity dependence of transverse dispersion coefficients with negligible 
diffusion contribution (error: ±5%) 
In equation (6.6), the contribution of molecular diffusion is neglected and transverse 
dispersion is assumed to change linearly with velocity. In the range where molecular 
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diffusion has a significant role, its contribution is included by not forcing ATr = 0 at u = 0 as 
in Figure 6.8 and the linear relation fit for the data becomes: 
=0.00000911+0.001895XM (6.7) 
1 i 3 
X 
O Data Points 
Eq. 6.7 
• Under gravity 
10 15 
Velocity %10' , cm/s 
20 25 
Figure 6.8: Effect of molecular diffusion on velocity dependence of transverse dispersion 
(error: + 5 %) 
The first term on the right-hand side of equation (6.7) represents the diffusive contribution 
( D / F ^ ) to transverse dispersion i.e.; 
D 
K-J. — h OC-r X U (6.8) 
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Equation 6.8 assumes the power-law exponent of velocity is unity. If = 1.4 as suggested 
by many researchers for bead packs (such as Blackwell, 1962; Perkins and Johnston, 1963), 
then D = 1.3x10"^ cm^/s. This is almost identical to the diffusion coefficient of 1.4x10""'' 
cm^/s between water and sodium chloride assumed in these experiments. 
6.2,1.1.2 Vertical Configuration 
Only one experiment was conducted using the model configuration shown in Figure 6.3 (i) 
that investigated the influence of gravity on K j with the water + brine fluid system. In this 
configuration, water was injected through the upper half of one side of the model, while 
brine was injected through the lower half of the same side (favourable gravity forces). The 
brine was made by dissolving 13g of NaCl in 1 L of distilled water giving a difference in 
weight of under 1.3%. Equal production rates were maintained for the effluent. Since the 
two streams have almost identical densities, gravitational forces had minimal impact on the 
value of Kj. The experiment was conducted at 2 ml/min (fg=23.7) and the measured 
transverse dispersion coefficient was only 1.5% smaller than that in the horizontal 
configuration. This difference is however well within the level of uncertainty of the 
measurements, estimated to be around 5%. The two values coincide when plotted (see 
Figure 6.8). 
6.2.1.2 Ethanol-Glycerol Solution Fluid System 
The objective of using this fluid system was two fold. Because the two fluids have different 
densities, the effects of gravity on transverse dispersion can be examined using this fluid 
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pair. Additionally, it was necessary to determine whether transverse dispersion was 
independent of viscosity using these fluids in VAPEX experiments. 
6.2.1.2.1 Horizontal Configuration 
The first set of experiments were perfoitned with the model laid flat as shown in Figure 
6.3(ii), therefore the influence of gravity on mixing across the interface was eliminated. In 
these runs, the model was initially saturated with dyed ethanol. Then the glycerol solution 
and ethanol were injected continuously into the pack at equal rates into the upper half and 
lower half of the inlet side respectively. The procedure followed here was similar to that 
used in the water-brine fluid system. A total of four rates were investigated with interstitial 
velocities ranging from 7.07x10""^ to 28.27x10 '' cm/s and Peclet numbers between 20.8 and 
83. These rates were chosen because in this range dispersion is dominated by convective 
dispersion and thus comparison with the water-brine data was reasonable. At lower rates, 
the influence of diffusion increases and direct comparison cannot be made since the two 
fluid pairs have very different molecular diffusivities. The presentation of dispersion data as 
a function of Peclet number solves this problem as discussed in later paragraphs. 
The measured values of transverse dispersion vs. velocity are shown in Figure 6.9 and 
compared with those obtained for water-brine fluid system. The results for the two fluid 
pairs fall on the same line and this suggests Kt is independent of the fluid viscosity, at least 
for these fluid systems. This outcome was similar to Blackwell's (1962) conclusions. He 
worked with different fluid viscosities ranging from 0.9 to 22.9 mPa.s and found Kr to be 
independent of fluid viscosity. Therefore, it seems justifiable to assume that transverse 
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mixing between ethanol and glycerol is equivalent to that measured using a fluid pair of 
much-lower viscosity such as water-brine or ethanol-glycerol solution. 
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Figure 6.9: Effect of fluid viscosity on transverse dispersion (eiTor; ± 5 %) 
Measured transverse dispersion coefficients were normalised by diffusion coefficients and 
are presented in Figure 6.10 as a function of the Peclet number defined as: 
p 
D 
(6.9) 
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The average bead diameter was assumed to be 0.0235 cm, which is the arithmetic 
mean of the range of bead diameters range used in this work of 0.0212 to 0.0250 cm. The 
normalised dispersion coefficients were correlated to Peclet number using the expression; 
K, (6.10) 
1000 
100 
10 
0.1 
A Water + Brine 
• Ethanol + Glycerol Soin. 
- - - Eq. 6.11 
. - - "A" 
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,0 
O . ' A 
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A 
0.1 10 
Pe 
100 1000 
Figure 6.10: Measured transverse dispersion data for water-brine and ethanol-glycerol 
solution fluid pairs as a function of Peclet number 
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The slope {(Xj) and intercept i P j ) were determined to be 1.08 and 1/12 respectively from 
K 1 
linear regression on a plot of log ( ) vs. log {Pe) as shown in Figure 6.11, giving: 
^ = — + — {Pef 
Dm 12 
(6T1) 
0.5 
y = 1.08X -1.10 
= 0.99 
O 0.5 
1 1.5 
Log (Pe) 
2.5 
Figure 6.11: Graph showing calculation of slope (a-j-) and intercept ( ) for water-brine 
and ethanol-glycerol solution fluid pairs using equation 6.10 
The measured values of transverse dispersion coefficients obtained in this study in the 
absence of gravity are plotted in Figure 6.12 as a function of Peclet number together with 
experimental and theoretical data from various earlier studies. The measured values are in 
particulaiiy good agreement with those of Gunn and Pryce (1969). 
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Figure 6.12: Comparison between transverse dispersion coefficients measured in the 
absence of gravity with equation (6.11) and with data from various earlier studies. 
The wide scatter in Kr data in figure can be attributed in large to differences in packing 
materials and accuracy of measurement techniques. Whereas Grane and Gardner (1961) 
used glass beads, Blackwell (1962) performed his experiments in an unconsolidated sand 
packed column, while Harleman and Rumer (1963) measured the dispersion in beds of 
plastic spheres. The size and shape factor of the packing material affect lateral motion of the 
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diffusing particle because of the complex geometry formed and consequently the resultant 
velocity variation within the interstices of the porous medium. Furthermore, some studies 
had an implicit assumption in that longitudinal dispersion in the experimental system can be 
ignored, which may not have been the case (see Appendix A.2). The laige valuation of flow 
paths in direction on the order of one bead diameter put large emphasis on the accuracy of 
measurement techniques such as resistivity technique (Blackwell, 1962), X-Ray (Grane and 
Gardner, 1961) or refractive index (this study). 
6.1.2.2.1 Vertical Configuration 
The second set of experiments explored the effects of density gradient on transverse 
dispersion between the two fluids when they were flowing parallel to each other as before, 
but with the pack mounted vertically as shown in Figure 6.3(i). The experimental setup is as 
before, except that ethanol was always flowing through the upper half of the pack to give 
gravity stable flow. A total of nine rates were examined with a very broad range of 
interstitial velocities ranging from 0.716x10'"^ to 357.9x10'"^ cm/s, which coirespond to 
Peclet numbers ranging between 2.1 and 1051. Thus, these experiments covered the 
extremes from diffusion to convective dispersion dominated mixing as well as the 
intermediate range where both processes contribute towards mixing. A typical interface 
profile is shown in Figure 6.13 for the 20 ml/min run (Peclet number = 420.5). The figure 
shows how the parallel interface widens to the right hand side. 
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Figure 6.13: Transverse dispersion profile in ethanol + glycerol solution experiment at Pe = 
42&5 
The measured transverse dispersion data are shown in Figure 6.14 as a function of the Pec let 
number along with those measured when the pack was mounted horizontally. As expected, 
gravity reduces K j by reducing the mixing resulting from perturbations along the interface 
between the fluids. For the fluid systems investigated here with a density difference (Ap = 
230 kg/m^) and Pe>20, transverse dispersion was reduced by over 50%. Earlier studies by 
Grane and Gardner (1961) and Pozzi and Blackwell (1962) also showed that a small density 
difference between the fluids resulted in a significant decrease in dispersion coefficients. 
Our transverse dispersion data for the vertical flow experiments correlated with Peclet 
number as 
^ = —+ — {Pey-' 
24 
(6.12) 
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Figure 6.14: Effects of gravity in reducing transverse dispersion when measured in a 
vertically oriented pack compared to the horizontal configuration for ethanol + glycerol 
solution 
6.3 Longi tudinal Dispersion, Kl 
Longitudinal dispersion is usually studied by filling the porous medium with one fluid and 
then displacing it with another fluid, which is miscible with the first and continuously 
measuring the effluent concentration. Brigham at al. (1961), have developed a convenient 
method to determine the longitudinal dispersion coefficient Ky^  and this was used in this 
work. They have shown that Kl can be calculated from the equation below: 
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Vp t 3.625 
(&I3) 
J 
Where: 
Vp\ Pore volume of the porous media, 
t: Time to inject 1 PV, s 
L; Length of the porous media, m 
V -V 
U = ^,—''' , where Vpi is the Vp injected (6.14) 
•yj^pi 
A plot of the error function parameter U versus the percent of the displacing fluid in the 
effluent should give a straight line on arithmetic probability paper (APP). Hence from such 
a plot, one can substitute for U90 and t/10 in the equation above and determine Ki,. A typical 
plot is shown in Figure 6.15 for a ran at Pg = 73.2 using an ethanol-glycerol fluid pair. In the 
figure, the values of t/90 and Uiq are maiked in blue and estimated as 0.45 and -0.45 
respectively. When these values were substituted into equation 6.13, they gave a 
longitudinal dispersion coefficient of 4.7x10"'^ cm^/s. 
149 
1 
0.8 
0 .6 
0.4 
0.2 
=3 0 
-0.2 
-0.4 
-0.6 
-0.8 
J 
i 
1 
- . . L L L w 1 L L 
J L L 
1 
0.01 0.1 0.3 1 2.5 5 10 20 30 40 50 60 70 84 90 95 97.5 99 99.799.9 99.99 
Effluent concentrat ion, C % 
Figure 6.15: Calculation of Kl from plot of U vs. glycerol % on APP following the method 
of Brigham et al. (1961) for glycerol displacing ethanol 
The other commonly used method to infer Kl from effluent concentration is to plot 
normalised concentration (c) versus time and tune Kl to best match the measured data using: 
' 2 
(6.15) 
Measured effluent concentrations for the ff=73.2 run are plotted in Figure 6.16 against time. 
A value of Kl = 4.7x10'^ cm'/s (as found using the Brigham et al. (1961) method) was used 
in equation 6.15 to regenerate the normalised concentration at different times, which are 
also plotted on Figure 6.16 as a solid line. The good match between measured and generated 
data demonstrates the consistency of the two methods. 
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Figure 6,16; Comparison of experimental breakthrough data with Eq. 6.15 best fit Kl for 
glycerol displacing ethanol 
Longitudinal dispersion was measured by performing a series of displacement experiments 
through the bead pack using the experimental set up shown in Figure 6.17. In all 
experiments, the model was initially flushed with carbon dioxide (CO^) to displace trapped 
air. Ethanol or water was then injected to displace CO, and saturate the pore space. The 
pack was then orientated either horizontally (Figure 17(ii)) or vertically (Figure 17(i)) 
depending upon whether the objective of the experiment was to investigate the influence of 
density contrast and gravity on the measured dispersion (see Table 6.2). 
(!) 
Continuous 
A' sampling 
t, , , t , , t , 
Displaced Fluid 
Mixing zone 
Displacing Fluid 
Pump 
Using Ri or , 
I > 
Conductivity analysis % 40 
° 204 
0 
I 
M oa &4 &8 14 la 
pvi 
Using Eq. (6.14) 
A 
Flow direction 
OA 
0^  
-04 
-04 
O^MU 1 5W MM 70 MM M #4 
Gravity 
c% 
& 
Equation (6.13) for Kl 
(ii) 
Gravity r 
Figure 6.17: Schematic showing the measurement of longitudinal dispersion coefficient, (i) 
vertical (ii) horizontal 
The chosen solvent was then injected at a selected constant rate by an ISCO pump into the 
pack and the concentration of solvent and solute in the effluent was measured as a function 
of time. The effluent concentration was measured by means of refractive index (RI) method 
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for the ethanol-glycerol fluid system and by conductivity measurement for the water-brine 
fluid pair. 
Longitudinal dispersion coefficients were measured using the two fluid pairs (Table 6.2) 
over a wide range of interstitial velocities or Peclet numbers that covered both extremes 
where diffusion and convective dispersion dominated mixing. The two fluid systems used 
enabled us to better understand the impact of viscosity (or mobility ration, M) on 
longitudinal dispersion. Whilst M~\ for water-brine, for ethanol-glycerol M <0.001 and 
therefore the huge contrast in mobility ratio was used to investigate whether viscosity 
significantly affects dispersion. In addition, the density difference between ethanol and 
glycerol allowed us to examine the effects of gravity on longitudinal dispersion and use 
measured dispersion coefficients in place of diffusion in Butler-Mokrys analytic model for 
predicting oil rate. 
6.3.1 Horizontal Configuration 
In this work, the pack was filled with ethanol and then displaced by glycerol. In total 
thirteen different runs were conducted with flow velocities ranging from 0.35x10""^ to 
187x10"^ cm/s or Peclet numbers between 0.14 to 73.2. The upper limit was carefully 
chosen so that the velocity of the injected glycerol does not cause bead migration, while the 
lower limit exists at flow velocities conesponding to diffusion-dominated dispersion. 
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A typical concentration interface is shown in Figure 6.18 for Pf=1.35 experiment. Even at 
such low rates, it is clear the interface is very smooth with no visible irregularities or bumps 
at the front since the displacement has a very favourable mobility ratio. 
Ethanol 
I 
Glycerol 
How 
Figure 6.18: Concentration interface between glycerol displacing dyed ethanol at f,,= l.35 
Figure 6.19 shows the concentration profile of the displacing fluid (i.e. glycerol) with pore 
volumes injected (PVI) for fg=13.5 run. The "S"-shaped curve supports the earlier 
statement that the convection-diffusion equation can be used to compute dispersion 
coefficients even with fluids with appreciable density contrasts such as in this fluid system. 
It should be noted however, that at lower rates the curve becomes slightly more 
asymmetrical, probably because of density effects which slightly tilts the interface. Another 
well-known reason is called the trailing edge effect, which is caused by the porous medium 
at moderate flow rates, as reported for example by Brigham et al., 1961. The solution to the 
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convection-diffusion equation (i.e. the eif function) does not yield a perfect "S" shape 
curve, but rather an asymmetrical one. This observation has been reported by many 
researchers. Details can be found elsewhere (Scheideggar, 1958 and Von Rosenberg, 1956) 
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Figure 6.19: S-shaped concentration profile curve of glycerol displacing ethanol at fg=13.5 
experiment (error: ±5%) 
Measured dispersion coefficients are plotted in Figure 6.20 with the best fit curve, which is 
a power-law of the form: 
=3.7x10"®-H 0.053 u 1.20 (6.16) 
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The power law exponent of 1.2 found in this study has also been reported by other 
researchers such as Aronofsky and Heller (1957), Brigham et al. (1961) and Pfannkuch 
(1963). It is also in excellent agreement with 1.19 reported by Bijeljic et al. (2004) and 1.18 
by Stohr (2003). The constant of 0.053 (which changes to 0.53 when dispersion data are 
normalised by molecular diffusion and the Peclet number is used in place of velocity) can be 
visualised as an inhomogeneity factor that largely depends upon geometry of the medium 
and fluid properties. It agrees reasonably well with 0.49 reported by Brigham et al. (1961) 
for 100 sized beads and a mobility ratio of 0.175. 
Figure 6.20 shows that at low interstitial velocities, Kt converges to a constant value of 
around 3.7x10"^ cmVs, which is about 0.62xD, the molecular diffusion coefficient between 
ethanol and glycerol. This is well within the range of 0.6-0.7 for unconsolidated beads as 
suggested by many researchers (Brigham et al. 1961; Blackwell, 1962; Perkins and 
Johnston, 1963; Hassinger and von Rosenberg, 1968; Gist et al., 1990; Frosch et al., 2000). 
In this region, molecular diffusion controls mixing. At high velocities, however, the 
dispersion coefficient is proportional to in which case convective dispersion dominates. 
Between these two regions, dispersion is the coupled process of diffusion and convective 
dispersion. 
The impact of viscosity (or mobility) ratio on longitudinal dispersion was examined by 
comparing these data with those measured for the water-brine fluid pair. Since these two 
fluids have almost identical viscosities, the mobility ratio is around unity compared to less 
than 0.001 for ethanol-glycerol. Therefore, it was necessary to consider viscosity effects on 
longitudinal dispersion before any generalisation can be made especially since most 
dispersion data on the literature have been measured at unit or close to unit viscosity ratios. 
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Figure 6.20: Dependence of longitudinal dispersion on interstitial velocity for glycerol 
displacing ethanol (error: + 5%) 
In these horizontal displacements, the pack was initially saturated with water and then 
displaced by brine to give a stable displacement. Five different rates were tested with 
velocities between 1.1x10 " and 25.9x10 " cm/s or Peclet numbers between 17.8 and 434, 
which were chosen to coincide with the data from the ethanol-glycerol displacements. 
Measured longitudinal dispersion coefficients for water-brine and ethanol-glycerol fluid 
systems were normalised by dividing them by their respective molecular diffusion 
coefficients and are plotted in Figure 6.21 against Peclet number (Pe). 
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Figure 6.21; Measured velocity dependence of normalised longitudinal dispersion for 
glycerol displacing ethanol and brine displacing water (error: ± 5 %) 
As with transverse dispersion, longitudinal dispersion data were correlated to the Peclet 
number using the relationship: 
— = — + a^{PeY' (6.17) 
For the range of Peclet number investigated in this work, the slope ( ) and intercept ( ) 
were determined to be 1.20 and 0.53 respectively from linear regression on a plot of 
log (———) vs. log (Pe) as shown in Figure 6.22, giving: 
D F(/) 
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= 0.62 + 0.53 {Pe) 1.20 (6.18) 
The average absolute normalised error between predicted and measured Ki/D,„ from 
equation (6.18) using these values was 8%, with a correlation coefficient R~ = 99.6%. 
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Figure 6.22: Computation of slope (a^ ) and intercept ( ) for correlating measured 
longitudinal dispersion with Peclet number as in equation 6.17 
The measured values of longitudinal dispersion as a function of Peclet number are compared 
in Figure 6.23 with data from other experiments. Since data from this work are in good 
agreement with those compiled from literature for unit viscosity ratio and zero density 
contrast displacements, it appears that Ki/D vs. Pe curves are not very sensitive to mobility 
ratio or density contrasts between displacing and displaced fluids in the absence of gravity in 
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the direction of the displacement. This is supported by the fact that in this work, Ki/D data 
for water-brine and ethanol-glycerol follow the same trend although the two fluid pairs have 
a hugely different viscosity ratio. Therefore, it seems justified to assume that dispersion 
between ethanol displacing glycerol as in VAPEX is equivalent to dispersion between 
glycerol displacing ethanol as measured in this work. The dotted line on the same figure is 
an extension of equation (6.18) using the values of % and fit determined in this work. It 
agrees well with the data obtained by Pfannkuch (1963) and Ebach and White (1958) for 
very high Peclet numbers. 
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Figure 6.23; Measured longitudinal dispersion coefficients together with data from other 
studies plotted against the Peclet number and compared to the predictions of the empirical 
Eq. (6.18). 
6.3.2 Vertical Configuration 
The second set of experiments examined the impact of gravity on longitudinal dispersion, 
which is particularly important since VAPEX is a gravity driven process. In these 
experiments, the pack was mounted vertically as in Figure 6.17 (i), while ethanol was 
vertically displaced upwards by glycerol. In total, six different runs were carried out with 
1 6 1 
velocities between 0.31x10 "^  and 25.7x10""^ cm/s, which coirespond to Peclet numbers 
between 1.2 and 101. The upper limit of Pe was limited by the fact that higher rates would 
displace the beads at the outlet (i.e. create voids). 
Measured longitudinal dispersion coefficients are shown in Figure 6.24 along those obtained 
in the absence of gravity i.e. from the horizontal configuration. It is evident that gravity 
reduces dispersion since the displacement in which there is a favourable density contrast and 
gravity has a shorter the mixing zone. In this case, gravity stabilises the front (more dense to 
bottom of the pack whereas lighter to top), reducing any small/pore scale non-uniformities 
in the fluid distributions and thus reducing dispersion. 
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Figure 6.24: Longitudinal dispersion coefficients for horizontal and vertical displacements 
of ethanol by glycerol (Error: ± 5%) 
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The measured data were correlated using equation 6.17, in which was reduced to 0.3 for 
vertical displacements, although the power law exponent remains the same i.e. 1.2 giving: 
^ = 0.62 + 0.3 W (6.19) 
In the range of interstitial velocities investigated, Ki was reduced by over 40% in vertical 
displacements due to the density difference of 470 kg/m^ between ethanol and glycerol. A 
convenient way to quantify the importance of gravity on dispersion is in terms of the gravity 
number as defined by; 
k : is the permeability of the porous medium, m^ 
g : is the acceleration due to gravity, m/s^ 
Ap: is the density contrast between the displacing and displaced fluid, kg/m^ 
(f): is the porosity 
//g: is the viscosity of the displacing fluid, Pa.s 
|[/|: is the velocity of the displacement, m/s 
By definition, Ng is positive for gravity stable displacements and increases as gravity 
becomes more important. Flowers and Hunt (2007) provide a comparison of previous 
experimental measurements of longitudinal dispersion in terms of gravity number. Their 
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comparisons indicate that longitudinal dispersion in gravitationally stable displacements 
may decrease by as much as a factor of 10 as Ng increases (and hence Peclet number 
decreases), but there is considerable spread in the data. The effects of the density difference 
between ethanol and glycerol and between ethanol and glycerol solution on Kl and Kt 
respectively are shown in Figure 6.25. It is evident that increasing gravity number 
significantly reduces dispersion. 
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Figure 6.25: Effect of increasing gravity number on pleasured longitudinal and transverse 
dispersion 
Results of this study are compared with those of Menand and Woods (2005) for brine 
displacing water (Ap-0.5 kg/m^) in a bead pack as shown in Figure 6.26. The two data sets 
cover the same range of gravity numbers (No), with velocity as the only variable in both 
studies. The curves clearly show how a small density difference can significantly affect 
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dispersion. Differences between the two sets are attributed to the difference in bead size 
(0.23 mm in this study compared to 1.4 mm in the Menands and Woods experiments). 
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Figure 6.26: A comparison of the effects of Ncon Kl/D using data from this work and data 
from Menand and Woods (2005) 
6.4 Relative Importance of dispersion in VAPEX 
The exact mechanisms of oil extraction in VAPEX are not fully understood but it is believed 
that the rate of oil dilution is a function of diffusion of the solvent into the oil (Yazdani and 
Maini, 2004; Roopa and Dowe, 2007). At the displacement front where extraction takes 
place, mass transfer is solely controlled by molecular diffusion and convective dispersion 
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(Vargas Vasquez and Romero-Zeron, 2007). Thus a proper modeUing of VAPEX should 
consider both effects of mixing i.e. diffusion as well as longitudinal and transverse 
dispersion. As stated previously, the problem with most correlations in the literature is that 
they were derived using fluids with a viscosity ratio of or around unity and negligible 
density contrast, which is not the case in VAPEX. Furthermore, solvent dissolution into the 
oil is usually assumed unknown and was used as a regression variable to match cumulative 
production. 
This work provides data for longitudinal dispersion between high- and low-viscosity fluids, 
a phenomenon that is typical in VAPEX. The methods used to measure the dispersion 
resemble closely the flow configurations in VAPEX in which the solvent displaces oil 
downwards in a gravity stable configuration (similar to the longitudinal dispersion 
experiments) whilst the Butler and Mokrys model assumes that the diluted oil drains along 
the solvent-oil interface in a flow configuration similar to that used in the transverse 
dispersion experiments. 
The relative importance of K j and Ki on mass transfer in VAPEX can be best realised by 
comparing their respective magnitudes. Figures 6.27 and 6.28 show respectively the 
measured dispersion coefficients in horizontal and vertical configurations at the interstitial 
velocities expected to be encountered during VAPEX drainage rates. At these velocities, the 
average ratio of KJKt is around 3 and transverse dispersion equals molecular diffusivity 
only i.e. the process is mainly driven by longitudinal mixing. Thus, it looks as though 
longitudinal dispersion, which will spread the solvent-oil interface as the interface is 
displaced by the injected solvent is more significant than transverse dispersion which will 
spread the interface as oil drains through the interface to the production well. This finding 
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contradicts many studies in the literature that suggest transverse dispersion is the main 
driving force during the extraction process (Dun et al , 1989; Das and Butler, 1998; Nghiem 
et al., 2001), although newly conducted studies argue that both Kl and K j are needed to 
model VAPEX (Cuthiell et al., 2003; Vargas-Vasquez and Romero-Zeron, 2007; Yazdani 
and Maini, 2008). The earlier workers argued that in situ oil requires a very small solvent 
dilution to drain under the influence of gravity i.e. the solvent does not have the opportunity 
to penetrate very deeply into the oil before the oil drains along the interface to the 
production well. In this work for instance, 10 vol.% of solvent reduces the viscosity of oil by 
almost 55%. They further argue that the contact between solvent and oil extends along a 
curved interface so there is a very large surface area over which the draining oil can 
continue to mix with the solvent via transverse dispersion. Another possible cause could be 
that we do not have a "pure" longitudinal or transverse dispersion in VAPEX but rather a 
curved interface that means that both components of convective dispersion contribute "to 
mixing as schematically illustrated in Figure 6.29. In other words, both K j and Kl may 
influence mixing during the downward drainage of the oil (along the interface) as well as 
perpendicular to the bulk fluid flow (into the oil). Also, diluted oil will move in different 
directions (as the arrows show in Figure 6.29) since the interface is not smooth but rather 
dispersed especially in finer sands. Nonetheless longitudinal dispersion seems to dominate 
the mass transfer in VAPEX based on the dispersion measurements described above. A 
numerical study by Cuthiell et al. (2003) using Kl=\OxKt gave the best match to their 
experimental data and was able to produce several features observed in the laboratory. They 
argued that higher longitudinal dispersion coefficients are required since the flow is mostly 
in the vertical direction (i.e. along the flow). However, since the flow is not completely 
vertical, both components of dispersion affect the oil rate and need to be considered. 
Furthermore, they found a less satisfactory match between measured and predicted rates 
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when transverse dispersion was assumed equal to longitudinal dispersion, which indicates 
Kl is more significant in VAPEX as found above. 
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Figure 6.27: Relative importance of Kl and K j at rates encountered in VAPEX (shaded 
area): Horizontal displacements 
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Figure 6,28: Comparison of the longitudinal and transverse dispersion coefficients 
measured for the ethanol-glycerol fluid system in the vertical configuration of the bead pack 
showing that, for the flow velocities used in the VAPEX experiments, longitudinal 
dispersion is between 2 and 10 times greater than transverse dispersion. 
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Figure 6.29: Fluid flow and mass transfer in VAPEX, where both K j and Ki are present 
along the interface and into the oil 
For improved accuracy in determining dispersion, the dashed lines in Figures 6.27 and 6.28 
are the best fit for dispersion coefficients, valid only for the range of velocities shown in the 
figures. The slope and intercept were computed as discussed before, and all curves have a 
correlation coefficient R" >0.99. The correlations were determined for horizontally {Ki/D„„ 
Kt/D,„) and vertically-measured {Kkg/D,,,, KTiCr/D,,,) dispersion as: 
D... 
= 0.62 + 0.162 [u] 1.35 
Kr_ 
(6.21) 
D„ 
= 0.62 + 0.013 («)' .46 
K UU) 
D.. 
= 0.62 + 0.012 (w) 1.04 
= 0.62 + 0.0013 
D.„ 
(6.22) 
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These best-fit curves are necessary to calculate dispersion from the measured interface 
velocity during the extraction process as discussed in the subsequent chapter, which are then 
used to replace molecular diffusion in the Butler and Mokrys model. 
6.4 Conclusions 
Longitudinal and transverse dispersion have been measured experimentally for fluid pairs 
with different viscosities and various density contrasts, over a range of Peclet numbers. 
These experiments have been performed for stable flow configurations both horizontally (to 
minimize the influence of gravity on the mixing) and vertically (to maximize the influence 
of gravity). The values measured in the absence of gravity were found to be in good 
agreement with data reported in the literature and were not influenced by the viscosities of 
the fluids. Both longitudinal and transverse dispersion coefficients were reduced at high 
Peclet numbers for vertical flows when there was a high density contrast between the fluids. 
This is expected as, in a gravity stable displacement, gravity tends to suppress the growth of 
perturbations at the fluid front caused by microscopic heterogeneities. 
A closer look at these coefficients reveals that for VAPEX injection rates, the longitudinal 
dispersion coefficient is much higher than molecular diffusion. This confirms that the 
drainage rate in VAPEX is not controlled by diffusion only, but rather the interplay between 
diffusion and convection dispersion. Thus incorporating longitudinal dispersion coefficients 
should improve drainage rates predictions using the analytical model proposed by Butler and 
Mokrys. 
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CHAPTER SEVEN 
EXPERIMENTAL INVSTIGATION OF VAPEX 
DRAINAGE RATES 
The main objective of this research was to better understand the mechanisms controlUng the 
drainage rate in VAPEX, namely the role of convective dispersion and model height in 
controlling oil production rates. Several drainage rate experiments were conducted at 
different injection rates to provide a more comprehensive understanding of the role of 
convective dispersion in VAPEX. Using digital photographs and time-lapse movies, 
longitudinal and transverse dispersion coefficients were computed from the measured 
interface velocity. In addition, the effect of drainage height on VAPEX performance was 
analysed by conducting experiments at identical conditions for two different model heights. 
Based on these results, an accurate model is proposed considering the combined effects of 
convective dispersion and height dependency on oil drainage rate. 
7.1 Experimental Setup 
VAPEX experiments were performed in a rectangular physical model with dimensions 
30cmxl5cmx0.5cm as described in Chapter Four. The locations of the inlet and outlet ports 
were respectively in the middle and bottom of the longer (i.e. 30 cm) and shorter (15 cm) 
sides of the pack. This configuration simulated a 2D slice of a reservoir undergoing 
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VAPEX, where the horizontal wells in the pattern are drilled perpendiculai" to the selected 
slice. 
Following successful packing with beads, the system was pressure-tested to ensure it was 
fully sealed and leakage-free. Next the model was flushed with CO2 to remove any trapped 
air. It was then saturated with glycerol at very low rates to avoid bead migration while 
saturating the pore space. A saturation rate of 0.1 ml/min proved satisfactory, and in some 
experiments glycerol was heated to around 50-60 "C to speed up the saturation process, 
which otherwise took 1-2 days. The amount of glycerol used for each saturation process was 
equivalent to 1.5 times the pore volume of the pack to ensure full saturation. For improved 
visual observations, the solvent (i.e. ethanol) was dyed with a small concentration of 
Methylene Blue (see earlier comments in Chapter 4 about the difficulties of using this dye). 
At the end of each experiment, a comprehensive cleaning procedure was followed to ensure 
the pack was ready for the next run, with no or minimal traces from previous experiment. 
This was performed by injecting distilled water (miscible with ethanol and glycerol) into the 
pack at low rates for 2-3 days. After this, diluted HCl (mixed with distilled water to give a 
0.1 M solution) was used to remove any dye that may have deposited on the beads or pack 
surface. Several pore volumes of ethanol were then injected to ensure complete cleaning of 
the pack. To dry the beads, the pack was attached to a vacuum pump for several hours to 
circulate dry air and help evaporate the remaining of fluids, which accelerated the drying 
process. The porosity of the medium was regularly checked at the end of each cleaning 
process to ensure no significant traces of oil or solvent were left behind in the pack. 
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The rising (formation) and spreading phases of the solvent chamber were easily analysed in 
this work, thanks to the novel design of the model. Rotating the pack by 90°, its height could 
be switched between 30cm and 15cm and the aspect ratio could be changed from one in 
which the system was thicker than it was wide to one in which the system was longer than it 
was thick. Using injection/production ports on the longer side of the model (i.e. 30cm) 
allowed more time for the formation of the solvent chamber, while using the ports on its 
shorter side provided more time for the spreading of the solvent. Therefore, VAPEX 
experiments were basically of two categories i.e. rising and spreading phases as depicted in 
Figure 7.1. 
hi all experiments, the solvent was injected into the upper port, whereas diluted oil was 
produced from the lower one. The injector was operated under constant injection rate, while 
the producer was at atmospheric pressure. The solvent (i.e. ethanol) was delivered to the 
pack through a piping network incoiporating an ISCO pump, calibrated with water and 
ethanol to ensure delivery accuracy in excess of 99.9%. All experiments were conducted at 
20 ± 0.5 °C. The laboratory temperature was continuously monitored through a central 
heating/cooling system, and rarely fluctuated more than 0.5 °C. 
To improve the contrast between the dyed injected solvent and oil, the pack was illuminated 
by a light box through one side of the glass window, while it was video recorded from the 
opposite window. The displacement runs were recorded using a SONY DCR-SR90E 
camcorder, with a resolution of 3MP. A number of digital photos of the growing solvent 
zone (moving interface) were taken during the course of the experiments. These images and 
video films were later analysed to compute the advancing rate of the solvent chamber for the 
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calculation of dispersion coefficients. The extracted area of these photographs was used to 
infer the cumulative oil production, in addition to the refractive index method. 
The running time of the experiments varied depending on the injection rate and model 
configuration. However, all experiments were conducted until the solvent chamber had 
reached the outer boundaries of the pack and started falling. A major interest in these runs 
was to observe the stabilised oil production rates, since current analytical models were 
specifically developed for this time only. Produced effluent was collected in a 20 ml glass 
jars placed in a fraction collector which rotated after a pre-programmed time interval. This 
procedure ensured samples were automatically collected at similar time intervals such as 
every 2 hours even at night times. The time-interval was adjusted according to the injection 
rate; being shorter at higher rates. Produced samples were analysed using the refractive 
index method to determine the composition of solvent and oil in each sample. Unless 
otherwise stated, oil rates reported here are for dead oil only i.e. solvent-free. 
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7.2 Injection Rate 
In vapour extraction (VAPEX), a low molecular weight solvent is usually injected just 
under its vapour pressures to maximise solubility and keep it vaporised. When using 
analogue fluids, it is important to choose a suitable injection rate to exploit the main driving 
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force in VAPEX i.e. gravity. To mimic a VAPEX process, gravity forces should be the 
driving force of fluid movement. Since ethanol and glycerol are miscible, there is no 
interfacial tension and therefore no capillarity. Hence, gravity and viscous forces should be 
scaled so that the former is dominating the fluid flow. The ratio of these forces was 
evaluated using the scaling procedure that is shown schematically in Figure 7.2. 
Injector 0 
Producer a— Q 
Li, 
J-'in 
VAPEX 
Pack 
Figure 7.2: A schematic used to scale injection ratio 
Assuming the solvent is segregating to the top of the pack due to gravity forces alone; then 
from Darcy's law the velocity is calculated from: 
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Ug =—A/% 
jd (7.1) 
where is the velocity due to gravity forces (m/s), k is the absolute permeability of the 
pack (m^), Ap is density difference between glycerol and ethanol (kg/m^) and g is the 
acceleration due to the gravity (m/s^). 
On the other hand, ethanol is assumed to flow from injector to producer primarily due to 
viscous forces, calculated from: 
w„ 
k AP 
CA2) 
Here u^ , is the velocity due to viscous forces (m/s), AP is the pressure difference between 
injector and producer (kg/m/s^) and L,p is the distance from injector and producer (m). 
Taking the ratio of the time for viscous ( ) and gravity (t ) flows, we get: 
(7J) 
Finally substituting for u and from (7.1) and (7.2) respectively we get: 
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h _ 
V ' 
AP V y 
/ f ^ (7 4) 
If the ratio (?^ / ) is larger than one, it means a flow particle requires less time to reach the 
top of the pack than the producer i.e. gravity dominates the viscous forces. Obviously, as the 
ratio increases, gravity becomes more dominant and this gives a better representation of the 
drainage process in VAPEX. However, this also means that AP (the only variable when a 
ratio has been selected) must be as small as possible i.e. the injection rate is very small 
which would be impractical. Hence a compromise is needed between the ratio ) and 
AP (or injection rate). 
The pressure difference (AP) between the injector and producer is controlled via injection 
rate. Whence a ratio has been selected, then AP can be used in Darcy's law to back calculate 
Q (i.e. injection rate). Table 7.1 shows how AP changes as the ratio (?„/f ) is varied from 
10 to 100, In this work, experiments were earned out at 30, 40 and 90 in 
configuration (I) and at (f,,It^) = 30, 40 in configuration (II). These rates were selected to 
better observe the interface movement with time and to maximise the effluence of gravity, 
whilst allowing the experiments to be performed in an acceptable time-frame. For example, 
it took just over 6 days to inject one pore volume of solvent at the lowest rate in 
configuration (I) i.e. 0.6 ml/hr. 
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Configuration Model Height (m) 
Ljf or Ljp 
(m) 
AP 
(Pa) 
injection rate, 
Q 
(mi/hr) 
10 69? 5.2 
20 34^ 2.6 
30 23J 1.8 
I 0.3 0.15 40 17.3 1.2 
60 11.6 0.9 
90 8.7 0.6 
100 6.9 0.5 
10 34^ 2.6 
20 17.3 1.2 
30 11.5 0.9 
I I 0.15 0.075 40 8.7 0.6 
60 5.8 0.5 
90 4.3 0.3 
100 3.5 0.2 
Table 7.1; Back-calculated injection rates for different viscous to gravity f ) ratios. 
The shaded blocks are for rates used in this study 
In addition to the gravity to viscous ratio criterion, the injection rates were chosen to ensure 
that for all rates the displacement was gravity stable i.e. the injection rate was low enough 
that gravity prevented the formation of viscous fingers when the lower viscosity solvent 
displaced the higher viscosity oil. This is particularly important since longitudinal 
dispersion was measured under stable displacement conditions. As first discussed by 
Dumore (1964) a downwards miscible displacement will be completely stable if 
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U< ,f" -.kg (7.5) 
- In// J 
and critically stable if 
% < ( 7 . 6 ) 
where u is the displacement velocity (m/s), k is the permeability (m^), is the oil density 
(kg/m^), is the solvent density (kg/m^), and jii^  are the oil and solvent viscosities 
respectively (Pa s) and g is the acceleration due to the gravity (m/s"). 
These equations were derived on the basis of a vertical line drive however they can still be 
applied to the point injection and production well geometries used in VAPEX to estimate 
whether the displacement is likely to be stable. In this case we can estimate the velocity by 
dividing the injection rate by pack porosity and the cross-sectional area of the pack to 
vertical flow. Table 7.2 shows the chosen flow rates for the VAPEX experiments, the 
displacement velocities estimated from the pack geometry and from direct measurement of 
the ethanol-glycerol frontal advance rate, the stable velocity for the system and the critically 
stable rate for the system. All three displacements are close to critically stable on the basis 
of the displacement velocity calculated from the pack geometry, so unstable viscous 
fingering should be minimal. 
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Configuration 
Injection 
rate 
Displacement 
velocity 
Measured 
interface 
velocity 
Stable 
velocity 
Critical 
velocity 
(ml/hr) (m/s) (m/s) (m/s) (m/s) 
0.6 5.6x10'^ 3.5>(10-* 
I 1.2 11.1x10"^ 6x10^ 
1.8 16.7x10-7 10x10^ 2x10^ 9x10^ 
I I 
0.6 28x10? 3x10^ 
0.9 4.2x10-7 5x10^ 
Table 7.2: Comparison of tlie injection rate for the VAPEX experiments, the estimated 
displacement velocity and the stable and critical rates 
7.3 Experiments using Configuration I 
This configuration represents a pair of horizontal injection and production wells on the 
longer side of the pack, with the injector in the middle face of the reservoir while the 
producer at the bottom of the same face as shown in Figure 7.1 (I). As summarised in Table 
7.1, three different injection rates were used in this configuration; namely 0.6, 1.2 and 1.8 
ml/hr. 
With the well configuration employed in VAPEX experiments, oil gets displaced and 
replaced by the solvent until the solvent chamber has been formed. As the chamber extends 
downwards to the bottom of the pack, gravity dominates the displacement and the extraction 
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follows the principles of VAPEX. As time progress, more diluted oil drains to the producer 
and the interface advances sideways into un-extracted oil. During this sideways spreading 
phase, the height of extraction interface remains equal to the pack height and since the head 
available for gravity is constant production rate remains stabilised. The extraction continues 
until the interface hits the outer boundary of the reservoir, at which time the interface height 
falls and the production rate falls. 
7.3.1 Results 
The dead oil production rates are shown in Figures 7.3, 7.4 and 7.5 for the 0.6, 1.2 and 1.8 
ml/hr injection rates respectively. In general, these curves show three distinct phases as 
illustrated by the vertical dashed lines in Figure 7.3. The initial transient stage results in high 
oil production rates due to the miscible displacement between injected solvent and in situ 
oil. This phase results from the imposed pressure drop between injector and producer. The 
duration of the transient stage largely depends on the size of the reservoir, well placement, 
oil and rock properties and the injection rate. After solvent breakthrough at the producer, oil 
rates declined and gravity became the driving force since the pressure at the production well 
was comparable to the injection pressure. During this phase, oil production rates became 
more or less stabilised and are referred to as pseudo-steady state production rates, which 
continued until the solvent chamber reached the outer boundary of the reservoir (pack). The 
available analytical models of VAPEX including that of Butler and Mokrys (1989) have 
been mainly developed for this phase. Once the chamber reached the outer boundary, 
production rates started declining. The fluctuations in the reported rates were probably due 
to the non-uniformity of the bead pack or temperature variations during the course of the 
experiments particularly at night. 
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Figure 7.3: Dead oil production rate for the 0.6 ml/hr run. Dashed lines show the different 
production phases 
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Figure 7.4: Dead oil production rate for the 1.2 ml/hr VAPEX run 
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Figure 7.5: Dead oil production rate for the 1.8 ml/hr VAPEX run 
Figure 7.6: Solvent-oil distribution during (i) rising (ii) fully developed and (iii) falling 
stages of the 1.2 ml/hr VAPEX run. The fluid dyed blue is injected solvent (ethanol) 
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Figure 7.6 shows snap shots of the solvent-oil distribution for the 1.2 ml/hr VAPEX 
experiment at times when the solvent chamber (i) is rising (ii) had fully developed and 
touched the outer boundary of the pack and finally (iii) for a falling interface with reduced 
drainage height. 
The images show a smooth and stable front with no apparent fingers. During the course of 
the experiment, the interface progressed in time with the characteristic V-shape as observed 
by Butler and Mokrys (1989). These observations confirmed that the chosen injection rates 
were low enough for gravity dominated and stable displacements. The small fingers 
observed during initial solvent injection were due to the adverse mobility of oil. With point 
injection, the injected solvent spreads rapidly over a small area initially, giving a high 
frontal velocity, a low gravity to viscous ratio and resulting in viscous fingering. However, 
as the front spreads radially the advance rate reduces and gravity begins to dominate the 
displacement. At this time solvent segregates to top of the pack. The solvent chamber then 
grows with time in the expected V-shape. The initial viscous fingering may be useful in field 
applications to achieve the initial communication between injector and producer, thus 
improving injectivity. 
Comparisons of the oil recovery from these experiments are presented in Figure 7.7 as a 
function of PVI, while the solvent oil ratio (SOR) is given in Figure 7.8. These two figures 
can be used to investigate the effects of increasing injection rate on the performance of 
VAPEX, where a premature solvent breakthrough is expected at the producer, although the 
initially high extraction rates are advantageous if the injection rate can be sustained. Once a 
communication path has been established between the injector and producer, the solvent will 
preferentially flow through this path. Subsequently, solvent concentration in the effluent 
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increases with increasing injection rates. For example, the average solvent concentration 
until 0.6 PVI was 20%, 26% and 40% in the 0.6 ml/hr, 1.2 ml/hr and 1.8 ml/hr experiments 
respectively. Such an effect is also apparent in the stabilised rates, where solvent 
concentration in the effluent increases with increasing injection rates. 
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F i g u r e 7 . 7 : Cumulative recoveries for the three VAPEX experiments in configuration (I) 
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Figure 7.8; Effect of increasing injection rate on solvent-oil ratio (SOR) 
7.4 Experiments using Configuration I I 
In this configuration, the horizontal injector and producer well pair were located on the 
shorter side of the pack as shown in Figure 7.1 (II). Two different injection rates were tested 
with this pack orientation; namely 0.6 and 0.9 ml/hr which gave respectively the same 
viscous to gravity ratio as the 1.2 and 1.8 ml/hr in configuration (I) (see highlighted rows in 
Table 7.1). This enabled us to compare VAPEX extraction effectiveness in the two 
configurations used and to investigate the dependency of drainage rate on model height. 
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As in configuration (I), three distinct phases were observed. The solvent initially segregated 
to top of the pack before spreading side-ways. Whence the interface reached the outer 
boundary, oil production rates started declining. 
7.4.1 Results 
The dead oil production rates from the 0.6 and 0.9 ml/hr VAPEX experiments are shown in 
Figures 7.9 and 7.10 respectively. Compared to Figures 7.3-7.5 (for configuration (I)), these 
experiments had faster solvent breakthrough times due to the proximity of the producer to 
the injector, and had longer periods of stabilised oil production. 
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Figure 7.9: Dead oil production rate for the 0.6 ml/hr VAPEX run in configuration II 
(smaller height, greater length) 
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Figure 7.10: Dead oil production rate for the 0.9 ml/hr VAPEX run (smaller height, greater 
length) 
Figure 7.11 shows snap shots of the solvent-oil distribution for the 0.9 ml/hr VAPEX run at 
different times. As with experiments in configuration (I), these images show a smooth front 
with no apparent fingers and the interface developed in time to give a clear V-shape. Figure 
12 shows the change of solvent-oil concentration with time for the 0.6 ml/hr VAPEX 
experiment in configuration (II). Initially (Figure 7.12 (i)), small fingers are formed due to 
the adverse mobility of oil as discussed above. The solvent continues to spread radially, but 
mainly in the vertical direction due to gravity forces as can be seen in the figure at 2 and 3.5 
hours. Once the chamber reaches the top of the pack, the chamber is quickly established and 
gravity becomes the main driving force, which stabilises the front. This is apparent at Figure 
7.12 (iv), where most fingers have been damped out and the chamber has started to progress 
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with a stable front, giving the expected V-shape. This process continues until the chamber 
reaches the outer boundary of the pack (Figure 7.12 (v) and (vi)). 
(i) 
(iii) 
(ii) 
Figure 7.11: Solvent-oil distribution during (i) rising (ii) fully developed and (iii) falling 
stages of the 0.9 ml/hr VAPEX run in configuration (II) 
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Figure 7.12: Solvent-oil distribution at different times for the 0.6 ml/hr VAPEX run in 
configuration (II). The fluid dyed blue is injected solvent (ethanol) 
The effects of increasing the injection rate on breakthrough time and recovery efficiency are 
shown in Table 7.3 for both configurations (I) and (II). It is evident that increasing the 
injection rate significantly accelerates breakthrough time and reduces extraction efficiency. 
The increasing concentrations of solvent in the effluent adversely affect recovery as the table 
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shows, since less solvent is available in the reservoir for viscosity reduction (which is a key 
for VAPEX efficiency). Lower injection rates imply the solvent has more time to diffuse 
and disperse into the bulk oil and thus more oil is contacted and upgraded which improves 
the extraction efficiency. A practical example was reported by Mahroos (2005) for a tight 
oil reservoir in Bahrain under gas injection process. Some parts of the reservoir have 
experienced mixing between the oil and gas by diffusion over a long period of time due to 
the low gas rate. As a result, wells in those areas showed an improved productivity (50 times 
the average) and higher stabilised production (10 times higher than average). 
Configuration Inj. Rate (cm3/hr) PVI to B/T 
Recover(%) 
at 1 PVI 
I 
0.6 0.13 76 
1.2 0.05 63 
1.8 0.04 56' 
I I 
0.6 0.02 59 
0.9 0.015 5 3 " 
Extrapolated from results until 0.6 PVI 
' Extrapolated from results until 0.8 PVI 
Table 7.3: Effects of increasing injection rate on breakthrough time (B/T) and recovery 
efficiency for configurations (I) and (II) 
These results suggest that injection rates during VAPEX need to be carcfully selected and 
optimised. Figure 7.13 shows the cumulative oil produced versus the injection rates after 30 
hours of injection. It is clear from the figure that the increase in oil recovery is not 
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proportional to injection rate since more solvent will be produced at higher rates without 
effective contact with oil. This fact is reflected by the slope of the curve, which decreases at 
higher injection rates. As injection rate increases the width of the 'V part of the solvent-oil 
interface increases. This 'V is the part of the reservoir where viscous effects dominate over 
gravity and where solvent is flowing preferentially to the production well rather than 
segregating about the oil and displacing the oil. 
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Figure 7.13: Effect of increasing injection rates on cumulative oil production after 30 h 
injection 
The effectiveness of solvent extraction during the various stages of VAPEX (displacement, 
spreading and falling) can be determined from the slopes of the different parts of the 
recovery curve as illustrated in Figure 7.14. The slopes give the average percent recovery 
rate per PVI in each stage and are reported in Table 7.4 for both configurations. A 
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considerable portion of such plots represents the spreading phase of the chamber. The 
deviation from this slope is a good indicator of the end of the spreading phase and start of 
the falling-interface period. Such a graphical representation can be used to infer the 
stabilised production rates from the slope of the almost straight lines during the chamber 
spreading phase (in addition to the effluent analysis method). 
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Figure 7.14: Graphical calculation of the average percent recovery per PVI for each stage of 
the process from the production data for the 0.6 ml/hr VAPEX run in Configuration (I) 
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Figure 7.15: Graphical calculation of the average rate of extraction from slope of % 
recovery vs. PVI for VAPEX runs in configuration (II) shown as dashed lines 
Table 7.4 also provides the average rates of extraction, which were determined from the 
slope of the whole plot as shown in Figure 7.15 and are independent of phase of extraction. 
This method can be used to graphically compute recovery rates, which were almost identical 
to the rates reported in Table 7.3 obtained directly from production history. Column 4 in 
Table 7.4 reports the change in extraction effectiveness from the preceding stage e.g. from 
displacement to spreading phase. Although the solvent efficiency in extracting oil decreases 
with time, the rate of decrease gets more pronounced with the increase of injection rate. For 
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example, the change of rate from displacement to spreading phases was 21%, 31% and 44% 
for the 0.6 ml/hr, 1.2ml/lir and 1.8 ml/hr runs respectively. 
Rate Stage % Recovery Rate/PVI 
A change from 
preceding stage (%) 
Avg. rate of 
extraction (%) 
C 
o 
2 & 
c 
o 
u 
0.6 
displacement 100 
77 spreading 79 -21 
falling 62 -22 
1.2 
displacement 100 
62 spreading 69 -31 
falling 46 -33 
1.8 
displacement 100 — 
54 spreading 56 -44 
falling 25 -55 
H 
s 
0 
1 
a 
a 
s 
O 
u 
0.6 
displacement 100 — 
59 spreading 62 -38 
falling 50 -20 
0.9 
displacement 100 — 
54 spreading 57 -43 
falling 47 -18 
Table 7.4: Solvent extraction effectiveness during the various stages of VAPEX for 
configurations (I) and (II) 
Based on these results, it seems that VAPEX would be more efficient if the injection rate 
was varied during the course of the experiment. A high initial injection rate would cause 
quick solvent breakthrough, but it would also create a communication path between injector 
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and producer for draining diluted oil. After the solvent chamber has been formed, a lower 
rate would produce better sweep efficiency. This is evident from Table 7.4 where the 
percent recovery per PVI was 79% for the 0.6 ml/hr and only 69% at 1.2 ml/hr. In field 
applications with vaporised solvents, this practice is called pressure cycling. The high initial 
injection pressure could promote deasphalting (due to increased solubility) as 
experimentally found by e.g. Mokrys and Butler (1993) and Das (1995) and this yields 
improved recovery as reported for example by Butler and Jiang (2000). 
7.5 Analytic vs. Experimental Results Comparison 
As stated previously, the analytic model proposed by Butler and Mokiys significantly 
under-predicts experimental oil drainage rates in porous media. Butler and Mokrys proposed 
the following 1-D model 
4 = t A g AS, (%7) 
TV, = Inc (7.8) 
t- ^ 
7.5.1 Role of Conveotive Dispersion 
As a first approach, the dimensionless parameter N^ was computed using the mutual 
diffusion coefficient at infinite dilution (i.e. independent of solvent concentration), which 
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has a value of 6x10" cm'/s at 20 °C (Tominaga and Matsumoto, 1990). This approach has 
been used by most researchers, assuming diffusion coefficients do not change appreciably in 
the solubility limit and also because of the scarcity of concentration dependence on 
diffusivities. The trapezium rule was adopted to calculate N, using = 0.01 as suggested 
by Butler and Mokrys (though it is not very critical) and a difference of 0.01 between 
succeeding values of c*. The concentration dependence of density and viscosity has been 
measured experimentally as described in Chapter Five. From these data, = 3.1x10'^, a 
value within the same order of magnitude as reported by Boustani and Maini (2001) and 
Butler and Mokrys (1989). With this value and Table 7.5, the analytical drainage rates (g) 
were evaluated as q= 0.32 and 0.23 ml/hr for configuration (I) and (II) respectively. It 
worth pointing out that Equation 7.7 predicts the drainage rate during the spreading phase of 
the chamber, where the production rate is almost constant. Therefore, comparisons should 
be made during this period of time only. 
Property Value Units 
k 43.3X- ' - m' 
g 9.81 m"/s 
h 0.3 or 0.15 m 
1 
(t> 0.4 
Ns 3. i>< i [ r * 
Table 7.5: Constants used to calculate drainage rate in equation 7.5 
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Table 7.6 compares the average observed oil drainage rate at the production well for each 
flow rate with those estimated from the Butler and Mokrys (1989) formulae using molecular 
diffusion. It is apparent that measured rates were much higher than predicted using Butler-
Mokrys model with diffusion-controlled mass transfer. 
Configuration Inj. Rate (ml/hr) 
Rate based 
on D (ml/hr) 
Measured stable 
oil rate (ml/hr) 
0.6 0.48 
I 1.2 0.32 0.75 
1.8 1.03 
I I 
0.6 
0.23 
0.41 
0.9 0.52 
Table 7.6: Comparisons between analytically predicted rates from Equation 7.7 and 
experimentally measured oil rates 
To investigate the influence of convective dispersion in VAPEX, molecular diffusion (D) in 
equation 7.8 was replaced by the dispersion coefficient. To do this it was necessary to 
measure the velocity at which the solvent was advancing into the oil. From the still photos 
and time lapse movies, the interface position was marked at several times and positions. For 
improved accuracy, the photographs were processed with an image processing and analysis 
program called ImageTool (IT), developed by University of Texas Health Science Centre 
(http://uthscsa.edu/). With calibration, it was possible to obtain quantitative values of frontal 
advance rate. Although the interface was moving at different velocities (being highest at the 
top of the interface and almost stationary near the producer), most of the oil recovery is 
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believed to take place in the top half of the interface. Therefore, the velocity near top of the 
pack was used in all calculations. The estimated error of these measurements was around 
15%. In the calculations, some allowance was made for any solvent that may have leaked 
from the top face of the pack due to loose screws. 
Since longitudinal dispersion develops along the solvent-oil interface, the velocity of the 
draining oil in the transition zone can also be described by Darcy's law for gravity driven 
flow as in VAPEX. The average velocity of the diffusion layer is given by: 
k A AP 
Q= -
fornix ^ 
AP 
= g 4 (7\9) 
k: Permeability of the pack, m^ 
g: Acceleration due to gravity, m/s" 
6: Angle formed between the interface and horizontal axis 
: Average density of produced effluent, kg/m^ 
Mmix '• Average viscosity of produced effluent, kg/m/s 
Equation 7.9 assumes a constant angle (6) between the solvent chamber and the horizontal 
axis. The average density and viscosity of the produced effluent can be estimated from 
experimental data during the spreading phase of the solvent. To test equation 7.9, the 
velocity was estimated using the data of the 1.2 ml/hr experiment assuming the interface was 
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60 degrees to the horizontal. The average measured viscosity and density of the mixture 
were 89 mPa.s and 1100 kg/m^ respectively. With this, the solvent chamber descends with 
an average velocity of 5x10^ cm/s, which is almost identical to that estimated from digital 
photos as 6x10"^ cm/s. In general, estimated velocities from equation 7.9 aie in very good 
agreement with measured velocities as indicated in Table 7.7 
The measured frontal advance rates were used to calculate the longitudinal dispersion 
coefficients as described earlier in Chapter Six. Discussion on transverse dispersion was 
omitted since for all rates, transverse dispersion was always dominated by molecular 
diffusion. Recalling the best fit curve for longitudinal dispersion coefficients in vertical 
displacements: 
^ ^ ^ = 0.62 + 0.012 (7.10) 
DL 
The measured velocities and associated longitudinal dispersion coefficients for all runs are 
given in Table 7.7. Predicted drainage rates based on mixing via longitudinal dispersion are 
also reported in the same table. The discrepancy between predicted and measured rates was 
significantly reduced when dispersion coefficients were incoi"porated in place of molecular 
diffusivity in the Butler and Moki-ys model. The % improvement in predictions (column 7 in 
Table 7.7) shows how incoiporating convective dispersion has narrowed the gap between 
predicted and measured rates. They were calculated from: 
% Improvement = x 100 % (7.10) 
Q'cxp. -
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: Predicted drainage rate based on longitudinal dispersion (ml/hr) 
: Measured drainage rate (ml/hr) 
Qij: Predicted drainage rate based on molecular diffusion only (ml/hr) 
c 0 
1 3 
O) 
C 
o 
o 
Injection 
rate 
(ml/hr) 
Measured 
interface 
velocity 
(m/s) 
Estimated 
interface 
velocity 
from Eq. 
7.9 
(m/s) 
Longitudinal 
dispersion 
KL 
(cm^/s) 
Predicted 
rate 
based on 
Kl 
(ml/hr) 
% 
Improvements 
in prediction 
I 
0.6 3.5x10^ 6JxlO* 0.41 56% 
1.2 6x10^ 5x10^ 8.9x10* 0.47 35% 
1.8 10x10^ 7x10^ 12.5x10 G 0.56 34% 
I I 
0.6 3x10* 3x10^ 6.3>(l[r* 0.28 28% 
0.9 5x10^ 5x10^ 8.0x10^ a 3 2 31% 
Table 7.7: Improvements in stable rate predictions by using longitudinal dispersion 
coefficients in place of molecular diffusion in the Butler and Mokrys model 
7. 5.2 Effect of Model Height 
The results in Table 7.7 indicate that although using longitudinal dispersion improved 
predictions, oil production rates were still lower than those measured. Furthermore, the 
discrepancy between observed and predicted rate increases with injection rate suggesting 
that the reduction of viscosity via mixing at the interface is not the only factor influencing 
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oil recovery. Enhanced drainage rates due to asphaltene deposition and additional mixing 
due to increased surface area/wettability effects have been eliminated in this series of 
experiments so there must be another process by which oil drainage rate is increased over 
that predicted by equation (7.7). 
The effect of drainage height is thought to be underestimated in the cunent analytical 
models. The work of Yazdani and Maini (2005) found oil rates to have a higher height 
dependency than the square root proposed by Butler and Mokrys (Equation 7.7), however 
this dependency is still questionable and needs more investigation. To validate these 
findings, the Butler and Mokrys equation can be rearranged for different injection rates or Ns 
values as: 
Q/^h N^. = ^ 2 k g ^ AS,, = constant (7.11) 
If this relationship holds, the same Q / N^. values should be expected for different model 
heights. Figure 7.16 shows however, the inconsistency of the experimental results of this 
work with the Butler-Mokrys equation with respect to drainage height effect on oil rates. 
Instead, the results show an increasing trend with the model height i.e. N^ . ^ 
constant. 
Predicted rates from equation 7.7 and measured stabilised rates are presented in Figure 7.17. 
It is evident that the square root transmissibility scale up (exponent of model height = 0.5) 
under predicts drainage rates. The results from this work were better correlated with an 
exponent value of 2/3, independent of the viscous to gravity ratio (or the injection rate). 
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Table 7.8 shows measured and predicted rates based on the new exponent, predicted values 
are comparable with experimental results with a maximum difference being less than 4%. 
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Figure 7.16; Effect of increasing drainage height on stabilised production rates for the two 
viscous to gravity ratios (t ,^ /1 ) investigated; • = 30; •= 40 
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Figure 7.17: Improvements in predicted drainage rates witli tlie new exponent over those 
estimated from Butler-Mokrys model for experiments at different viscous to gravity ratios 
shown between brackets 
It should be noted that predicted rates were computed while allowing 10% variation in the 
pack permeability. This allowance was made to account for the plausible change in the 
permeability while unpacking and packing the physical model due to bead migration 
encountered while performing the VAPEX experiments or saturating the pack. Furthermore, 
the interface velocity for the 0.6 ml/hr experiment was originally estimated using permanent 
marker lines at different times (not digital photos as with other experiments), and therefore 
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the error could have been very large. Since velocities estimated from equation 7.9 are in 
good agreement with measured velocities (as shown in Table 7.7), the longitudinal 
dispersion {K£) for the 0.6 ml/hr experiment was re-calculated assuming the velocity as 
estimated from equation 7.9 (i.e. 1.5x10^ cm/s). With this, the dimensionless parameter {Ns 
) was re-computed using the new and the new exponent required to match measured rate 
was 2/3 i.e. inline with intermediate and high injection rates. 
Viscous to 
gravity ratio 
IVIodel 
height 
cm 
Injection 
rate 
(ml/hr) 
Experimental 
rate 
(ml/hr) 
Predicted 
rate, n=2/3 
(ml/hr) 
Difference 
% 
30 
15 0.6 0.41 0.41 0.9 
30 1.2 0.75 0.78 3.7 
40 
15 0.9 0.52 0.51 1.3 
30 1.8 1.03 1.00 2.9 
90 30 0.6 0.48 0.49 3.3 
Table 7.8: Comparison between measured stabilised values and predicted rates 
incoiporating the new height exponent 
The drainage rate dependency on model height could be explained by the longer exposure 
path offered by thicker models and the fact that the solvent oil-interface moves more quickly 
into the oil at its highest point compared to at the production well (where of course the 
frontal advance velocity is zero). If mass transfer is assumed to be controlled by constant 
diffusion then the square root dependency of oil rates on model thickness holds because 
penetration depth increases proportionally to square root of time. With dispersive mixing 
however, drainage rates also depend on velocity. The thicker the model the greater the range 
of frontal velocity over the depth of the interface, the greater the dispersive mixing at the top 
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of the interface and hence the greater the oil drainage rate. Yazdani and Maini (2005) used 
models as high as 1 m and found their results were best matched with an exponent in the 
range of 1.13-1.17. Their work, however, excluded dispersive effects in the dimensionless 
parameter Ns, resulting in a lai ger discrepancy between the analytic prediction of oil rate and 
that observed. We speculate that they would have obtained a lower exponent range had they 
used total dispersion in place of molecular diffusion when calculating Ns. For comparison, 
the exponent range required to match measured rates in this work would have been in the 
range 0.72-0.85 had Ns computation been based on diffusion only. 
Although the proposed scale-up model satisfactorily matched measured rates, there is no 
justification to assume that such a relationship would apply at the field scale. The proposed 
model was based on three viscous to gravity ratios and two pack heights only. Furthermore, 
the pack permeability was much higher than would be expected in reservoirs amendable for 
VAPEX. The results from this work however, indicate that, if the Butler and Mokrys 
analytic model for predicting oil drainage rate from VAPEX is valid for this set of 
experiments then 
1. convective dispersion may contribute to oil recovery and 
2. the model height dependency the Butler-Mokrys analytic model may not be correct. 
7.7 Conclusions 
Heavy oil recovery via VAPEX has been investigated in the laboratory using an analogue 
fluid system formed of ethanol and glycerol. The system has been used specifically to 
investigate the role of convective dispersion in improving oil drainage rates over those 
predicted based on molecular diffusion by the Butler and Mokrys analytical solutions. 
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Ethanol and glycerol are first contact miscible fluids and therefore mixing during a VAPEX 
style recovery process was not affected by wetting, capillary imbibition or asphaltene 
deposition which have all been invoked as mechanisms by which recovery rate is improved 
during VAPEX. 
In the experiments conducted, three distinct phases of production were observed; an 
observation consistent with the findings of most researcher such as Das, 1995; Jiang (1997); 
Yazdani, 2007 and Tam (2007). A rising solvent chamber formed initially followed by a 
prolonged spreading of the chamber during which the extraction was almost constant. 
Finally, there was a depletion phase as the chamber reached the reservoir boundary in which 
the extraction rate started falling gradually. Measured drainage rates were found to be much 
higher than predicted by Butler-Mokrys model. Again this is consistent with earlier work. 
The use of measured longitudinal dispersion coefficients rather than molecular diffusion 
resulted in an improved prediction of oil drainage rate; however observed drainage rate was 
still higher than predicted. The results suggested that oil rates may have a higher than square 
root dependency on model height. An improved correlation was proposed that adequately 
matched experimental results with height dependency exponent of 2/3. The scale up of the 
results indicates field application of the process is very attractive. 
Alternatively the Butler-Mokrys model may not be a good description of the VAPEX oil 
recovery process. Further insight into the process will be obtained in the next chapter by 
using a commercial reservoir simulator (STARS) to model predicatively the experiments 
described above. Comparison between observed and numerically predicted oil rate, oil 
production and concentration distributions will help determine how dispersion and model 
height affect oil recovery in VAPEX 
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CHAPTER EIGHT 
NUMERICAL SIMULATION 
This chapter discusses the extensive simulation runs carried out in this study. The two 
objectives were to 
1) assess the accuracy of the compositional simulator STARS in predicting VAPEX 
drainage rates using the measured dispersion coefficient and other fluid and pack 
properties measured in the lab or taken from the literature 
2) to investigate the plausibility of the Butler and Mokrys analytic model for oil 
production rate from VAPEX 
In the following sections, details of the numerical model are described as well as 
comparisons made between the numerical predictions and laboratory measurements. 
Discrepancies between experiments, analytic solutions and numerical solutions are 
discussed and possible reasons for these aie proposed. 
8.1 Numerical Simulation of VAPEX 
There is an extensive experimental and mathematical literature on VAPEX as described in 
Chapter 2. However there is a scarcity of reports describing the numerical simulation of the 
process. The main objective of most if not all studies was to investigate the mixing 
mechanisms governing VAPEX oil recovery by history matching measured oil rates through 
tuning diffusion coefficients in the Butler and Mokrys analytic model. Further insight into 
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the validity of this analytic model can be obtained by comparing the results from well 
characterised experiments with the predictions of a numerical simulation model using the 
porous medium and fluid properties of the experiments. 
8.2 Approach of this Work 
As discussed in Chapter 2 the literature on VAPEX suggests that the cuiTent analytic 
solution of Butler and Mokrys under-predicts drainage rates unless the mixing between 
solvent and oil is increased by increasing the diffusion coefficient by at least one order of 
magnitude. This has been justified by asserting that mixing will be increased due to various 
mechanisms including convective dispersion, countercurrent flow, solubility effects and/or 
increased surface area of contact between the sub-miscible solvent and oil (Das and Butler, 
1995, 1998; Das, 1998). However in most cases there have been no supporting numerical 
simulations performed to deteiTnine whether the simulator also under-predicts oil rate if 
physical values of diffusion are used and to investigate the impact of increasing the diffusion 
coefficient on the simulated oil rates and solvent oil distributions within the experimental 
system. 
8.3 Numerical Model 
Numerical simulations of the experiments reported in Chapter 7 have been performed. The 
main purpose of these simulations was to verify the impact of using measured convective 
dispersion coefficients on mixing during the stable VAPEX-like displacements and to 
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quantify the mechanisms that Butler and Mokrys proposed were controlling the oil drainage 
rate. 
Simulations were performed using CMG-STARS, a semi-compositional finite-difference 
simulator. All input data were either taken directly from experimental measurements of the 
packs, or, in the case of critical properties from the literature (Reid et al., 1987). The 
simulation domain had uniform porosity everywhere. Similarly, the permeability was the 
same everywhere, except at cells containing the wells, which had very high permeabilities to 
mimic the injection point source in the physical pack. Since no water was used in these 
experiments, connate and movable water saturation was set to zero. The residual oil 
saturation was zero since solvent and oil are first contact miscible. All simulation work was 
performed on a Dell machine, with a dual core processor (2.13 GHz) and with 2 GB of 
RAM memory. Details of simulation model properties are given in Table 8.1. 
Grid type Cartesian 
Pore volume 90 cm^ 
Number of blocks in z direction 150 
Number of grid cells 9000 
Porosity 0.4 
Permeability 43.3 D 
Reservoir Temperature 20°C 
Reference Pressure 101 kPa 
Residual oil saturation 0.0 
Number of injection wells 1 
Number of production wells 1 
Injection rate 0.6, 0.9, 1.2, 1.8 ml/hr 
Initial water saturation 0.0 
Initial oil viscosity 1390 mPa.s 
Table 8.1: Properties of simulation model 
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The oil and solvent were treated as two components of the oil phase with no water or gas 
phases present. Since both oil and gas were single components, no lumping of components 
was required, which optimised CPU time and minimised simulation enors in calculating the 
thermodynamic behaviour of the fluids. As in the experimental bead pack the injector and 
producer blocks were respectively at the middle and bottom of the 30 cm face, as illustrated 
in Figure 8.1, for configuration (I) and they were assigned very high permeabilities. The 
injector and producer were operated under constant-rate and constant bottom-hole pressure 
(BHP) constraints respectively, with reference to surface conditions. The system pressure 
and temperature were set equal to experimental conditions i.e. 1 ATM and 20 °C 
respectively. 
I I I 
0.00 3.00 6.00 cm 
10 
• I • • • ' I I 1 
Figure 8.1: Cross section of the 2D (xz) simulation model 
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8.4 Numerical Model Constraints and Inputs 
8.4.1 Numerical Dispersion 
A 2D simulation model was considered in this work with 60x1x150 grid blocks of 0.25, 0.5 
and 0.2 cm thickness in the x, y and z directions respectively. A comprehensive grid 
sensitivity study was performed to obtain the optimum grid size that both minimised CPU 
time and numerical errors. It was particularly important in this study to ensure that the 
magnitude of numerical dispersion (or truncation error) was less than the physical 
dispersion. 
The simulator solves the partial differential convection-advection equation (PDE) through 
the finite difference approximation. This approximation results in an artificial dispersion 
known as numerical dispersion. Although avoiding numerical dispersion is very difficult, its 
magnitude can be minimised when finer cells are used. The added numerical dispersion 
{Knum) modifies the convection-advection equation to: 
Depending on its magnitude, numerical dispersion can have significant influence on the 
results of the simulation. Thus, it needs to be minimised so that physical dispersion is always 
higher than numerical one. This can be done by reducing grid sizes and time steps, however, 
reduction to an acceptable level may not be feasible due to requirements of extreme number 
of cells and computational times. Therefore, a sensitivity analysis is the usual reasonable 
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practice to assess whether physical dispersion is higher than the numerical dispersion while 
at the same time maximising computational efficiency. 
•60 .150 Cumulative Oil SC 
'30 . 75 Cumulative Oil SC 
•100 . 150 Oil Rate SC 
•30 . 75 Oil Rate SC 
1 0 0 . 1 5 0 Cumulative Oil SC 
• Exp. Cumulative Oil 
60 . 150 Oil Rate SC 
Exp. Oil Rate 
Time, hr 
0.8 
0.6 
E 
o 
0.4 ^ 
IT 
0.2 
0 
160 
Figure 8.2: Grid sensitivity analysis showing the change of cumulative and instantaneous oil 
produced with different grid sizes for the 0.6 ml/hr run 
Cumulative dead oil productions and oil rates from experiment and simulation for different 
grid sizes are shown in Figure 8.2 for the 0.6 ml/hr run in configuration (I). It is apparent 
that case the (60.150) (i.e. 60 blocks in the x-direction and 150 blocks in the z-direction) 
satisfactorily matched cumulative and instantaneous oil rates. Finer cells did not improve the 
match but rather increased computational time, which made further refinement impractical 
and unnecessary. Case (100.150) had a better match on cumulative and instantaneous oil but 
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had an unacceptable prediction of breakthrough time and there were numerical instabilities 
at different times such as at 70 and 130 hours. 
To further investigate the impact of numerical dispersion on the simulation results, the 
optimum model (i.e. 60x1x150) was run with no physical dispersion. Thus, all mixing at the 
interface was attributed to numerical dispersion. Figure 8.3 shows the thickness of the 
interface. The 6-cells thick mixing layer suggests numerical dispersion is not expected to 
play a significant role in VAPEX since the mixing layer is around 15-cells thick when 
physical dispersion is included in the run. 
Figure 8.3: Thickness of interface due to total dispersion (left) and only numerical 
dispersion (right) 
Mixing between the solvent and oil was modelled by total dispersion comprising molecular 
diffusion and convective dispersion, hi the simulator, this includes numerical dispersion 
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(truncation error) and the added (explicit) physical dispersion measured in the laboratory. In 
STARS, total dispersion coefficients are modelled with no velocity dependence since it 
calculates the flow rate in each of the Cartesian directions only. Due to the displacement 
geometry encountered in the VAPEX process, longitudinal here was taken as vertical and 
transverse as horizontal, which seems to be a reasonable assumption. The dispersion 
coefficients used in the simulator were those computed from the measured interface 
velocities, which were found to be significantly higher than molecular diffusion. 
8.4.2 PVT Data and Viscosity Model 
The PVT data for the analogue fluids were independently measured in the lab, which 
increased the confidence and reliability of predicted data since no history matching was 
required. This included the density and viscosity of pure glycerol and ethanol (see Chapter 
5). 
The viscosity of a mixture of glycerol and ethanol at different ethanol volume fractions is 
given in Chapter 5. The results showed the effectiveness of ethanol in reducing glycerol's 
viscosity. Since mass transfer (and thus fluid flow) in the vapour extraction (VAPEX) is 
greatly influenced by viscosity changes, it is vital to properly model viscosity in STARS. In 
practical applications of VAPEX, the viscosity of heavy oil or bitumen is reduced by several 
orders of magnitude. This in turns mobilises the otherwise immobile oil and allows it to 
drain under the influence of gravity. When experimental data are available, it is beneficial to 
test the accuracy of built-in viscosity correlations and tune them if necessary since these 
correlations are mainly appropriate for light to moderate oils (Yazdani 2007). 
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Some common correlations for viscosity prediction are briefly summarised below. They 
were tested to examine how accurate each one was in predicting experimental results. 
8.4.2.1- Ideal mixing law 
The ideal mixing or classical log type correlation only depends on the viscosity of pure 
solvent and solute (e.g. oil): 
In//,. (8.2) 
Pmix'- Viscosity of solute, mPa.s 
jc,-: Mole fraction of component (i) 
8.4.2.2- Bingham correlation (1918) 
1 c, c„ (8 3) 
In equation 8.3, c is the volume fraction and subscripts 5 and o are for solvent and oil 
respectively. 
8.4.2.3- Shu Correlation 
This correlation is widely used for the estimating the viscosity of liquid hydrocarbons. It 
requires the density and viscosity of the pure solvent and the pure solute. It is based on the 
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original equation proposed by Ledder (1933), which is a modification of the classic log type 
correlation: 
=%slnp.,+Xoln^l„ (8.4) 
In the equation above, and %„ are compositional parameters related as 
=1 -:%o (8 5) 
The compositional parameter is calculated at the required solvent volume concentration (V )^ 
as 
The empirical constant (a) has a value between zero and unity. Shu fitted measured data 
with a power law relationship and found {a) can be expressed as a function of pure density 
ip) and viscosity ( j j ) of solvent and oil as 
17.04 Ap"''''' pl'"' 
a = (o-/) 
In(^) 
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These three correlations were used to predict glycerol viscosity at different ethanol 
concentrations and the results are plotted in Figure 8.4. It is interesting to note how well the 
ideal mixing law matches measured viscosity. This improved the confidence in STARS 
predictions since no tuning was required. The Shu conelation over-predicts mixture 
viscosities, while that of Bingham significantly under predicts them. 
O measured - - Ideal — - - Bingham — - - Shu 
10000 
1000 
0. o 
(A 
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0.0 0.2 0.4 0.6 
Volume Frac. Ethanol 
0.8 1.0 
Figure 8.4: Comparison between measured mixture viscosities with different correlations 
8.4.3 Wal l radius 
The treatment of wells is an important parameter in numerical simulations to ensure accurate 
predictions of well performance which in turn affects the material balance equations of fluid 
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flow and hence grid block pressures and accumulated fluids. Usually, the grid block 
conditions such as pressure and composition, well pore pressure and well flow are related by 
an analytical model known as the Peacemen model (Peaceman, 1993). 
The injection and production wellbore radius in all VAPEX experiments was 1 mm. To 
properly model the process in the simulator this well property needed to be included in the 
data file of STARS. The well radius cannot exceed the effective radius of the grid cell and 
thus needed to be adjusted for the fine grid simulations. In STARS, the effective radius for a 
horizontal well parallel to the / direction is given by (Peaceman, 1993): 
2 M": I A„2 .^vnl/2 0.28 [Ax' l ^ + A z \ l ^ y 
Hi' • -
The calculated effective well radius is used in the well performance calculations 
Ax, Az: grid block size in x and z direction respectively (cm) 
k;^ ; k{. Permeability in % and z direction respectively (cm) 
Pwf- flowing bottom-hole pressure (BHP) (kPa) 
Po'. pressure of grid containing the well (kPa) 
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q-. flow rate (cmVs) 
Id: phase viscosity (mPa.s) 
To', well radius (cm) 
Since the pack is assumed isotropic then kx = and thus, the effective radius equation 
simply become: 
/;=0.iWAx'+AZ' (8.10) 
It is very evident from equation 8.9 that the effective radius must be larger than the well 
f 
radius, otherwise In — becomes negative. For relatively coarse models, this is not an issue; 
however the simulation run will be halted if the computed effective radius is smaller than the 
well radius given by the user. For the grid sizes used in this study, the effective radius was 
computed equal to approximately 0.45 mm while the grid block size was 0.25x0.5x0.2 cm. 
However, it is expected that the effect of well radius is not very significant since the 
pressure difference between block and well is generally small (Yazdani, 2007) in the bead 
pack experiments due to the high permeability of the porous medium. This hypothesis was 
tested by assigning two very different values for well radius in STARS. The first was just 
smaller than the effective well radius, while the other was 20 times smaller. A comparison 
between the predictions of the two files is given in Figure 8.5 for the 0.6 ml/hr run. It is very 
evident the well bore diameter has a negligible effect. 
222 
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Time, hr 
Figure 8.5: Effect of well radius on VAPEX recovery 
8.4.4 Wall Effects (Permeability) 
In actual physical models, the permeability of the pack adjacent to the walls is usually much 
higher than the average permeability of the pack. This phenomenon is known as wall or 
edge effects and occurs because the wall is smooth so the packing density is smaller in this 
region. In experiments with very adverse mobility ratios and at relatively high injection 
rates, earlier solvent breakthrough is observed in the lab compared to numerical simulation 
predictions due to the high permeability of this stream between injector and producer. In the 
simulation domain, this must be accounted for, otherwise communication between injector 
and producer is greatly delayed. To solve this, the permeability was assumed constant 
everywhere in the numerical domain except in the first column, which was assigned a 
relatively high permeability (75 D) to account for edge effects. In addition, perforated cells 
223 
containing the wells were given very high permeabilities (100 D) to mimic the injection and 
production ports in the physical model, which are 100% porous. 
8.4.5 Rock-Fluid Data 
Since the solvent (ethanol) and oil (glycerol) used in this work are first contact miscible, 
capillary pressure was set to zero. Also, straight line curves were used for relative 
permeability as in Figure 8.6. The relative permeability data of water must be included in 
STARS even when water is not included (as in this work), thus it was also included in the 
data file. 
Krow •Krw Krg Krog 
P 
0.2 0.4 0.6 0.8 
Sw 
Figure 8.6: Relative permeability curves 
8.4.7 Initial conditions 
The model initially contained no gas or water but was fully saturated with glycerol. Solvent 
was then injected at the desired injection rate. An initial gravity-capillary equilibrium was 
performed by STARS. The initial pressure was set to 1 ATM at the producer as in the 
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experimental model. Since the physical model size was relatively small, the overall run time 
was short, around 2 hours. 
8.5 Results and discussion 
The simulation run times were set equal to the relevant experimental run times, during 
which the solvent was injected continuously into the model. Figure 8.7 shows the 
concentration profile of the solvent at different times for the 1.8 ml/hr run. The solvent 
propagated vertically and later developed a clear V-shape, which was in line with the 
observations of Butler and Mokrys (1989, 1991). The figure clearly shows how the solvent 
dissolved and diffused into the oil, causing a dramatic decrease in the oil's viscosity (Figure 
8.8) in the vicinity of the interface facilitating its recovery. Figure 8.7 shows that the oil 
concentration in swept areas is zero due to the miscibility of the solvent and oil. These 
findings agree well with laboratory observations, suggesting that the simulation model is a 
realistic representation of the experiments. The most diluted oil shown in Figure 8.8 had a 
viscosity of less than 100 mPa.s. 
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Figure 8.7: Solvent concentration profile at different times for the 1.8 ml/hr run 
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Figure 8.8: Viscosity profile at different times for the 1.8 ml/hr run: colour legend on 
Logarithmic scale 
8.5.1 Dead oil rates 
A particular focus of this work was to assess the ability of the simulator to match measured 
stabilised oil production rates by incorporating the total dispersion coefficients and to 
visualise the subsequent effects on the interface concentration profile. The measured dead 
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oil production rates from the experiments and from the simulations are compared in Figures 
8.9 and 8.10 for configurations (I) and (II) respectively and are listed in Table 8.2. Predicted 
drainage rates were determined from the STARS output files during the spreading phase of 
the solvent chamber and then averaged. It is apparent that STARS satisfactorily matches 
experimental data when a total dispersion coefficient is used. Furthermore, breakthrough 
times (as reported in Table 8.2) are also accurately predicted by STARS, after which a sharp 
drop in oil production is observed both in experiment and simulation. 
A Exp. 0.6 ml/hr 
Sim. 0.6 ml/hr 
O Exp. 1.2 ml/hr 
Sim. 1.2 ml/hr 
O Exp. 1.8 ml/hr 
Sim. 1.8 ml/hr 
DC 0 .9 
0.2 0.4 0.6 
PVI 
0 .8 1.2 
Figure 8.9; Comparison between measured and simulated oil rates for VAPEX runs in 
configuration (I): Dashed lines show the three distinct phases of production 
228 
As in the experiments, the simulation runs show a higher oil rate in early times due to the 
initial displacement of oil by solvent. However, after the solvent communication between 
the injector and producer has been established, the oil rate declines rapidly before stabilising 
as the solvent cap forms under gravity until the solvent zone reaches the outer boundary. A 
smooth decline is observed then as gravity head starts decreasing. The cumulative dead oil 
from experiments and simulations are plotted in Figures 8.11 and 8.12 for configurations (I) 
and (II) respectively. It is obvious that measured and predicted recoveries match. Table 8.2 
shows predicted and measured recoveries at I PVI, the difference between the two did not 
exceed 2%. 
<D 
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A Exp. 0.6 ml/hr 
Sim. 0.6 ml/hr 
O Exp. 0.9 ml/hr 
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Figure 8.10: Comparison between measured and simulated oil rates for VAPEX runs in 
configuration (I): Dashed lines show the different phases of production 
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(ml/hr) 
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PVI to 
B/T 
Stable oil 
rate 
(ml/hr) 
Recovery 
(%) at 1 PVI 
I 
0.6 0.13 0.48 76 0.13 0.46 74 
1.2 0.05 0.75 63 0.06 0.75 62 
1.8 0.04 1.03 56 0.04 0.97 55 
I I 
0.6 0.02 0.41 59 0.02 0.38 59 
0.9 0.015 0.52 53 0.014 0.51 55 
Table 8.2: Comparison between measured and simulated stable rates and breakthrough 
times 
cog 
o 
.1 % 
3 
E 
o 
A Exp. 0.6 ml/hr 
Sim. 0.6 ml/hr 
0.00 0.20 
O Exp. 1.2 ml/hr 
Sim. 1.2 ml/hr 
o Exp. 1.8 ml/hr 
Sim. 1.8 ml/hr 
0.40 0.60 
PVI 
0.80 1.00 1.20 
Figure 8.11: Comparison of observed cumulative oil production for experiments with that 
predicted by the simulations in configuration (I) 
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Figure 8.12; Comparison of observed cumulative oil production for experiments with that 
predicted by the simulations in configuration (II) 
8.5.2 Interface Saturation Profile 
Predicted and observed diffusion boundaries (solvent-oil distribution) at different pore 
volume injected (PVI) for the 1.2 ml/hr run are given in Figure 8.13. Similar distributions 
were observed for the other injection rates. Since the observed interface profile gives the 
volume fraction, predicted profiles in Figure 8.13 show both solvent-oil concentration and 
logio oil viscosity. The later gives an indication of which oil should be draining along the 
interface if the Butler and Mokrys model is correct. 
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The predicted profiles capture many aspects of those observed in the laboratory such as the 
location of the interface and absence of viscous fingers. However, the simulator appears to 
predict a relatively thicker interface and less gravity-dominated process, although this may 
also be related to the relationship between dye concentration and solvent (ethanol) 
concentration. These two effects have a different impact on the VAPEX recovery. Whereas 
a thicker interface means higher mixing and thus more oil extraction, lower gravitational 
forces (or higher viscous forces) mean higher solvent production. Consequently, this means 
less solvent is available for viscosity reduction and thus lower oil extraction. However, these 
two effects seem to have cancelled out each other since predicted and measured oil rates are 
almost identical. Although numerical diffusion is expected to have some significance at the 
magnitudes of added explicit dispersion, its impact have been minimised since even very 
finely grided models gave similar predictions. It is expected that once the oil has gained a 
sufficient solvent concentration, it will drain under gravity i.e. it will not develop a Fickian 
concentration gradient (Das, 1995). However as Figure 8.14 shows, which was taken from 
the 1.2 ml/hr simulation run, the predicted interface in the diffusion layer follows a Fickian 
one. It gives the classical "S" shaped profile, at least for most of the concentration range, 
which suggests the process is controlled by total dispersion coefficient. 
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1.0 PVI 
^ 0.1 
Figure 8.13: Observed dye concentration (top), predicted interface profile (middle) and 
predicted viscosity (bottom) for the 1.2 ml/hr VAPEX run in at 0.01, 0.6 and 1.0 PVl 
233 
O 0.4 
100 
Time (hr) 
Figure 8,14: Change of solvent concentration with time at block 26,1,22 in the vicinity of 
the mixing layer for the 1.2 ml/hr run 
8.5.2.1 Thickness of Diffusion Layer 
The penetration depth or diffusion layer thickness was estimated from visual observations to 
be between 4 to 5 mm for the 1.2 ml/hr VAPEX experiment. This is in the range of values 
estimated by Yazdani and Maini (2005) for different model heights and grain sizes (Figure 
8.15), bearing in mind differences in model and fluid properties. One of the difficulties 
encountered is the limited colour contrast between solvent and oil as well as the fact that 
diluted oil flows very quickly towards the producer as Figure 8.16 shows. From this figure it 
is clear most diluted oil drains relatively quickly to the production well in the vicinity of the 
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mixing zone. This is unlike in normal diffusion experiments, where the mixing layer 
enlarges with time. The importance of measuring (or estimating) this property is that it 
enables us to assess the rate of solvent invasion into the bulk oil and validate the Butler and 
Mokrys analytic model. The relatively thin mixing layers suggest that the magnitude of 
dispersion coefficients required is relatively small and close to the molecular diffusion 
(maybe 1-2 orders of magnitude) as found in this study. Tuned and unrealistic dispersion 
coefficients lead to unphysically large rates of solvent penetration into the bulk oil as the 
estimated diffusion penetration from this study suggests. 
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Figure 8.15: Calculated penetration depths of different pack permeabilities (modified after 
Yazdani and Maini, 2005) 
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Figure 8.16; Predicted oil velocity in the z-direction (top) and x-direction (bottom) at 
different pore volumes injected for the 1.2ml/hr run: Colour legend uses a logarithmic scale 
The inaccuracy of STARS in properly modelling the thickness of the interface has been 
reported by other researchers such as Das (2005) and Yazdani (2007). The latter stated that 
grid blocks should be at least 5-10 times smaller than the mixing zone to capture the physics 
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inside this region. For this study, this implies a resolution of 150x300 blocks in the .v and : 
directions respectively (i.e. 45000 cells). A more accurate description would simply mean 
more grid blocks and thus more computational time. The refined model predicts almost the 
same recovery as the base model with less than 2 % difference between the cases. The two 
runs predict a slightly different interface location at the same time, which could be a result 
of the increased concentration accuracy in the refined case. Furthermore, the refined grid is 
more gravity dominated and the 'V shape of the interface is much closer to that observed in 
the experiments. This suggests very refined cells are required to capture the effect of gravity 
rather than the diffusive mixing. The results however, show very little improvement in 
reducing the thickness of the mixing zone. Needless to say, the refined model needed a 
much larger memory and took a very long time to run (over 10 times longer than base 
model). 
In the VAPEX process, the flow of oil is related to mixing between solvent and oil at the 
interface, and this complicates modelling since the flow is also influenced by density 
variations. In other words, the advective and diffusive transport equations cannot be 
separated. Although various computer programs have been developed for such problems 
including those of Henry (1964) and Dentz et al. (2006), however the assumptions used and 
the need to ensure that numerical dispersion is always lower than physical dispersion, 
resulted in relatively unphysical thick transition zones (Paster and Dagan, 2008). This is 
particularly true in VAPEX simulations where dispersivity values are very small. This 
would suggest it is very difficult to model mixing in a thin transition zone since cuiTent 
numerical codes are not suited for such problems (Paster and Dagan, 2008). 
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Figure 8.17: Effect of grid refinement for the 0.6 ml/hr run on oil concentration for the base 
case (top) and 45000 cells model (bottom) at (i) 0.03 PVI (ii) 0.20 PVI and (iii) 0.36 PVI; 
Colour legend is on Logarithmic scale 
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8.6 Conclusions 
Overall the simulator was able to predict the experimentally observed oil rates, 
concentration distributions and cumulative oil production very well. The simulation runs 
also confirmed that recovery as a function of pore volumes of solvent injected increases as 
injection rates decreases. The lower injection rates give the solvent more time to diffuse into 
the oil and thus more oil is contacted, which reduces its viscosity. The recovery however 
increases with the increase of injection rate when comparison is made at the same real time. 
The good agreement between the simulation and experiments suggests that the low oil rates 
predicted by the Butler and Mokrys (1989) analytic model are due to inadequacies in the 
assumptions or formulation of this model. Nonetheless the maps of oil phase velocity 
vectors from STARS suggest that the oil does drain along the interface between oil and 
solvent as suggested by their model. 
These results suggest that reservoir simulation programs may be able to reliably predict the 
outcome of proposed field scale VAPEX recovery for heavy oil provided there is adequate 
data about the reservoir rock and fluid properties. 
239 
CHAPTER NINE 
CONCLUSIONS AND FUTURE WORK 
This work describes some experimental and numerical studies of the vapour extraction 
process in a porous medium. Important conclusions and observations are given hereunder as 
well as some recommendations for future work, derived from the results of this study. 
Ethanol and glycerol were selected to respectively represent the solvent and oil in a reservoir 
undergoing a VAPEX-like displacement. The two fluids had a viscosity and density contrast 
typical of those used in previously reported experiments investigating the injection of 
vaporised hydrocarbons to extract heavy oil and bitumen. In addition they are first contact 
miscible (FCM), which meant that all proposed enhancements to oil recovery during 
VAPEX in porous media related to capillarity and countercurrent flow were eliminated 
The physical properties of a mixture of glycerol at different ethanol concentration were 
characterised at 20 "C and 1 atmospheric pressure for the first time. Data included density, 
viscosity, surface tension and refractive index at various concentrations. Measured data 
were used as input to numerical simulator (STARS) and to compute the dimensionless 
parameter (Ns) in the Butler-Mokrys (1989) model. 
A physical model with properties consistent with those in the literature was fabricated to 
perform VAPEX-like displacements using these analogue fluids. The physical pack 
properties were independently measured in the laboratory. Thus, no history matching was 
240 
required in numerical simulation runs, which improved the confidence in the predicted 
results of the simulator. These measurements included the detennination of longitudinal and 
transverse dispersion coefficients over a wide range of Peclet numbers, for the ethanol-
glycerol fluid system. Longitudinal dispersion measurements were performed in flow 
experiments that were influenced by gravity, whereas transverse dispersion coefficients were 
measured in a horizontally-oriented pack. Measured data were compared with data from 
horizontal experiments in which gravity did not influence the mixing. 
The following specific conclusions can be drawn from this work. 
9.1 Impact of Viscosity and Density on Convective Dispersion 
• Neither longitudinal nor transverse dispersion coefficients were significantly affected by 
density contrasts in horizontal displacements. Data are consistent with values obtained 
from the literature for fluid pairs of comparable density contrast and viscosity 
• Longitudinal dispersion as a function of Peclet number was not affected by the viscosity 
contrast between glycerol and ethanol in the stable displacements performed 
• Measurements of both longitudinal and transverse dispersion coefficients showed 
density gradients reduce dispersion in vertical stable displacements. For the density and 
viscosity contrast of fluids used in this study, a reduction of around 50% was observed. 
However, gravity effects are less pronounced at high Peclet numbers or small gravity 
numbers. 
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The mass transfer at the solvent-oil front during VAPEX is exclusively controlled by 
diffusion and convective dispersion. Transverse dispersion occurs perpendiculai" to bulk 
flow direction while longitudinal dispersion is along the flow. Both processes are present 
in the VAPEX process and their inclusion in the analytic model significantly improved 
the predictions. 
9.2 Experimental Investigations of VAPEX 
The experimental results were consistent with previous studies in the literature (Dunn et al., 
1989; Lim et al., 1996; Das and Butler, 1998; Boustani and Maini, 2001; Oduntan et al., 
2001; Karmaker and Maini, 2003; Yazdani and Maini, 2005; Kapadia et al, 2006) in that 
observed oil production rates were significantly higher than predictions obtained from the 
Butler and Mokrys (1989) analytic model 
• The incorporation of longitudinal dispersion in place of molecular diffusion in the Butler 
and Mokrys model improved the predictions of oil production rate by, on average, by 
35% 
• The stabilised oil drainage rate had a higher dependency on the model height than the 
square root dependency proposed in the Butler and Mokrys (1989) analytic model. The 
results of this study indicate the rate is proportional to the model height with exponent of 
0.64-0.68 in the heights examined in this study. 
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9.3 Comparison of Numerical Simulation and Experiments 
• The predictions of numerical simulations of oil rate, solvent rate and concentration 
distribution compared very well with those obtained from the laboratory experiments. 
These were obtained by inputting porous media and fluid properties obtained 
experimentally including a value of diffusion obtained from the experimental frontal 
advance rate and the measured values of longitudinal dispersion as a function of velocity 
measured physical dispersion. There was no history matching involved. 
• The good agreement between the simulations and experiments and the poor predictions 
of oil rate by the Butler and Mokrys model suggests that this analytic model is incorrect 
in some way. It is possible that some of the assumptions used in its derivation are 
incorrect. Nonetheless the numerical simulations indicate that diluted oil does drain 
along the solvent-oil interface as proposed by their model. 
• Detailed reservoir simulation should be used to assess the viability of proposed VAPEX 
recovery schemes on the field scale rather than relying on the Butler and Mokrys 
analytic model which appears to make systematically pessimistic predictions of oil rate 
for laboratory experiments and is probably an incorrect model to the oil recovery 
processes 
9.4 Recommendations for Future Work 
• The fluid system used in this study was first contact miscible in order to eliminate the 
effects of capillarity and countercurrent flow. It would be advantageous to use another 
liquid pair with considerable density and viscosity contrast, but not fully miscible to 
explore the role that capillary forces may have in VAPEX. 
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• This work found the stabilised oil rate had a higher dependency on model height than 
square root as proposed by Butler and Mokrys. However, this finding was based on two 
model heights only and cannot be generalised. Thus, further experiments in packs with 
different heights would validate this finding. 
• Almost all previous works in VAPEX used packs with very high permeabilities. It is 
recommended that a series of experiments be performed using field scale permeabilities. 
This would give a good indication of the applicability of this process for real heavy oil 
reservoirs since cunent optimistic results may not be achievable in Darcy range 
permeabilities. Furthermore, finer beads or sands should also indicate how reservoirs 
amendable for VAPEX will influence the mixing zone, which is the key for viscosity 
reduction and drainage rates. 
• The numerical simulation part of this work was performed using a semi-compositional 
simulator viz. STARS. It is highly recommended to use a fully compositional simulator 
such as GEM or Eclipse 300 to examine the effect of velocity dependent dispersion 
coefficients since STARS calculates flow in the two Cartesian directions only rather than 
orientating longitudinal and transverse dispersion parallel to and peipendicular to the 
local total velocity vector. 
• Further analytic investigations of the flow processes to derive an improved analytic 
model to predict oil production rate during viscous oil recovery by VAPEX. In 
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particular, these assumptions in the Butler and Mokrys model require further 
investigation: 
o The constant velocity assumption seems to be a very simplistic one as the 
interface is moving at different velocities 
o The angle formed between the solvent-oil interface and the horizontal axis 
changes with time (more vertical earlier) and consequently the viscous drag 
changes, being higher for the more horizontal interface at later times. This is 
particularly important at large aspect ratios, which are more representative of 
actual reservoirs. 
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APPENDIX A 
A.1 Derivation of Biackweil method for IVIeasuring Kt 
Transverse dispersion coefficients between two matched viscosity streams were measured 
using the methodology developed by Biackweil (1962). The theory behind it can be 
summarised as follow. 
Several researchers (Scheidegger 1959; Blackwell 1962; Perkins and Johnston 1963 and 
Carvalho 2005) have shown that the diffusivity equation (i.e. Pick's law) can be used to 
describe the microscopic dispersion phenomena. Comparisons between experimental data 
and mathematical predictions on longitudinal dispersion have shown good agreement, which 
supports this theory. Hence, the applicability of this assumption was further extended to 
include transverse dispersion. 
At steady state, the two-dimensional diffusion-convection equation can be written as: 
+ (A.l) 
To solve the above partial derivative equation (PDE), a simplifying assumption regarding 
the longitudinal dispersion Kl is usually made. Because the length of the dispersion zone Lx 
in the direction of flow is much larger than its width Ly, this implies the ratio KiJLxKKKr/Ly, 
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and hence the first term on the right sand is ignored (further details are given in section 
A.2). Then, Equation A.l becomes; 
9c 
( A . 2 ) 
The two streams of equal viscosities will be injected simultaneously at the same rate to 
avoid any pressure drop across the streams and hence avoid a mass transfer due to a 
pressure gradient. At steady state, effluent concentrations will be used to find Kj. Consider 
the schematic of the in the figure below. 
->• x 
y 
Wj 
W2 
Wj 
C 
W2 
Figure A.l: Schematic of transverse dispersion in equal-viscosity fluid streams 
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In Figure A. 1: 
wi and W2: width fraction at which fluid 1 and fluid 2 are injected into the model, 
respectively and Wi + W2=w, the model width 
wi * and W2 : width fraction at which fluid 1 and fluid 2 are respectively produced at the 
outlet 
L: length of the model, m 
u, v: velocity in the direction and perpendicular to the direction of flow respectively, m/s 
X, y: distance elements in the direction and perpendicular to the direction of flow 
respectively 
C, C*: stream one concentration at the inlet (i.e. C = 1.0) and outlet respectively. 
To solve Equation A.2, the following boundary conditions are used: 
= 0 }' = 0, w (A.3) 
C = 1 0< y <wi, x = 0 (A.4) 
C = 0 wi<y<w,x=-Q (A.5) 
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Using the method of separation of variables to solve for C, we arrive at: 
C — W] H 
7t 
2 2 
„ 1 1171 y 
> —cos sm(n;rvi;,) e x p ( - ^ ^ — - — ) 
«=i n w w u 
0 L 6 ) 
Integrating Equation A.6 gives: 
1 
'Z^sin(n7r w^) s in(M;r W ; ) e x p ( - 7 [ ^ — - — ) 
n=\n w^u 
(A.7) 
Equation A.7 was used to find C for a wide range of Kj/u to plot the curve A.2. The 
experimentally-determined solute concentration at the outlet (C*) was the used in this curve 
to find the transverse dispersion coefficient. 
0.99 
0.98 
0.97 
0.96 
0.95 
0.002 0.004 0.006 0.008 0.01 
Kj/u (cm) 
Figure A.2: Stream 1 outlet concentration vs. transverse dispersion divided by velocity 
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A.2 Justification for Ignoring Kl Contribution in Equation A.1 
All values of transverse dispersion (Kt) were determined assuming negligible longitudinal 
dispersion (Kl). The validity of this assumption was checked against the value of 
dimensionless parameter G defined as (Hassinger, 1967): 
( / L 8 ) 
w w 
Hassinger (1967) examined a broad range of G (from 10"^  to 10^) to assess its (and thus Kl) 
impact on the concentration profile in cases where Kl was neglected. His results indicated 
longitudinal dispersion coefficient can be neglected when G <10^ i.e. 
K^ Kj , 
G = ^ — ^ < 10-' (A.9) 
u w 
The longitudinal dispersion coefficient was estimated from the relative magnitude of KJKt 
as reported in the literature. At low interstitial velocities, dispersion is controlled by 
molecular diffusion at which Kl=Kt and this is taken as the minimum ratio {G,nm)- The 
largest ratio {Gmax) reported by Perkins and Johnston (1963) was around 32. Thus, with these 
limits: 
G „ „ = 3 2 4 S - = 3 2 x G n - . ( A . 1 1 ) 
u w 
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The value of is taken as a better estimate of G in regions where negligible Kl is not a 
valid assumption. Computed and values for the interstitial velocities investigated 
in this work are presented in Table A. 1, in which G^ -^^  was always below the critical values 
of 10"^ . Thus, the assumption of eliminating Kl in the computation of Kt (i.e. Equation A.2) 
is valid. 
A.3 Dispersion Measurements and Turbulence 
Although turbulent conditions are rare in underground media such as petroleum reservoirs, 
they often occur in packed beds such as bead packs. Fully developed turbulence alerts the 
interstitial flow patterns, which tends to produce flow fluctuations such as random eddies 
and this consequently affects mechanisms of dispersion (Hassinger, 1967). Therefore, it is 
generally desirable to avoid turbulence when measuring dispersion coefficients. Reynolds 
number (Re) is usually used to characterise the different flow regimes and is defined as the 
ratio of inertial to viscous forces: 
^ (A. 12) 
Perkins and Johnston (1963) stated that laminar flow in a porous medium exists at /?e<10, 
while Richardson (1961) gave a limiting value of 1.0, which was taken as a more 
conservative indicator here. The computed Reynolds numbers for the fluid systems used and 
the range of interstitial velocities investigated in both pack configurations (horizontal and 
vertical) are given in Table A.l. The maximum Reynolds number in this work was 
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approximately 0.93, which assured dispersion coefficients were measured in the laminar 
flow regime. 
Config. Fluid System 
M xlO^ 
cm/s 
Gtuiii G,nax Re 
0.57 7.44E-06 2.23E-04 I.48E-03 
1.06 2.32E-06 6.96E-05 2.77E-03 
4.63E-07 1.39E-05 1.12E-02 
c 
'C 7.07 4.35E-07 1.31E-05 I.85E-02 
PQ 
0) 14.14 1.54E-07 4.63E-06 3.69E-02 
B 
a 
CO 2L2 1.76E-07 5.29E-06 5.54E-02 
o N 
•r 
6442 2.50E-07 7.49E-06 I.68E-0I 
143.15 2.75E-07 8.24E-06 3.74E-01 
286.31 3.16E-07 9.47E-06 7.48E-01 
in 
7.07 4.38E-07 1.31E-05 L85E-02 
14.14 
2L2 
2.10E-07 
2.44E-07 
6.3 lE-06 
7.31E-06 
3.69E-02 
5.54E-02 
2&27 2.I0E-07 6.30E-06 7.38E-02 
a 7 2 7.72E-06 2.32E-04 1.87E-03 
o 
'-3 
a 
2.15 2.51E-06 7.54E-05 5.61E-03 
"o 
C/3 7.07 1.22E-06 3.65E-05 I.85E-02 
u § 14.14 7.40E-06 2.22E-04 3.69E-02 
u 
> o 
+ 
2&27 8.99E-I0 2.70E-08 7.38E-02 
§ 71.58 2.46E-06 7.37E-05 1.87E-01 
a £ 143.15 1.27E-08 3.81E-07 3.74E-01 
w 
357.89 1.09E-11 3.28E-10 9.34E-01 
Table A.l; Computed G values and Reynolds numbers (Re) for the range of interstitial 
velocities examined in this work 
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